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Abstract
A typical FCC unit involves the transport and rapid catalytic reaction of chemical species using
60-70 micron fluidizable catalyst particles. In FCC, hydrocarbon species evolve in the gas-phase
are adsorbed on, and then react with the catalyst particles. In this case, large molecular weight
hydrocarbons (vacuum gas oil) are converted into lighter products (gasoline). FCC also yields
undesirable products such as light gases and coke. Coke promotes catalyst activity decay and
as result, is detrimental to catalyst performance. Given the significance of coke as a catalyst
decay agent in FCC, it is the objective of this PhD research to study catalyst deactivation by
coke.
To accomplish this, three different Y-zeolite FCC catalysts, designated as CAT-A, CAT-B and
CAT-C were employed in the present PhD study. Catalyst samples studied were characterized
in terms of Crystallinity, Total Acidity, Specific Surface Area (SSA), Temperature Programmed
Ammonia Desorption (NH3-TPD) and Pyridine Chemisorption.
Catalytic cracking runs were carried out in a CREC Riser Simulator using a model hydrocarbon
species (1,3,5-TIPB) as a hydrocarbon feedstock. This bench-scale mini-fluidized batch unit
mimics the operating conditions of large-scale FCC units. Temperatures within the 510°C550°C range and times ranging from 3s-7s were selected for catalyst evaluation. For every
experiment, 0.2g of 1,3,5-TIPB was contacted with a catalyst amount ranging from 0.12g to 1g.
This was done to achieve a C/O ratio in the range of 0.6 to 5.
Results obtained showed a consistent 1,3,5-TIPB conversion pattern for the three catalysts
studied: increasing first, stabilizing later, and finally decreasing modestly. In spite of this, coke
formation and undesirable benzene selectivity always rose. On this basis, a mechanism
involving both single catalyst sites for cracking and two sites for coke formation was
considered. In this respect, coke formation was postulated as an additive process involving coke
precursor species, which are either adsorbed on two sites located in the same catalyst particle
or adsorbed in two close sites in different catalyst particles.
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Summary for Lay Audience
Fluidized Catalytic Cracking (FCC) involves a rapid catalytic reaction and the transport of
chemical species between two phases: a) hydrocarbons as gas phase species and b) particles as a
discrete solid phase. During this process, heavy molecules (gas oil) are converted into a lighter
product (gasoline). However, this approach is accompanied with the undesirable formation of C1C5 light gases and coke on the catalyst surface. Coke leads to catalyst decay and as result, is
detrimental to catalyst performance. Given the significance of coke as a catalyst decay agent, the
present PhD program is devoted to establishing a catalyst decay model suitable for the simulation
of FCC in large scale riser and downer units.
To accomplish this, the present study pays special attention to various FCC operational
parameters affecting coke formation and catalyst decay. To address these issues, runs were
developed in a CREC fluidized Riser Simulator by varying: a) weight of the catalyst: 0.12g to
1g, b) Catalyst/ Oil ration (C/O ratio): 0.68 to 5, c) temperature: 510-550°C, d) contact time: 3
s to 7 s. The selected catalyst was an ECat FCC catalyst samples and the feedstock used was
1,3,5 tri-iso-propyl-benzene (1,3,5 TIPB).
Experiments findings in conjunction with advanced surface science techniques, allowed one to
illustrate the influence of increasing the C/O ratio on 1,3,5-TIPB conversion, coke formation,
and product selectivity. It was observed that a proper description of coke formation (e.g. Coke
selectivity) and catalyst activity decay is required for an effective counting of Catalytic cracking
with an ample range of C/O ratios (0.6–5 g-oil/g-cat).
Thus, it is anticipated that the postulated catalytic cracking reaction network influenced by
catalyst density, affects both catalyst coking and deactivation, leads to an optimum C/O ratio,
to accomplish maximum feedstock conversion, controlled coke-on-catalyst and gasoline
benzene content. This is equivalent to a careful selection of both catalyst mass flow and
hydrocarbon mass flow in large-scale risers or downers.
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Chapter 1
Introduction
Problem Description and Motivation for this Research
Fluidized catalytic cracking (FCC) is one of the most valuable processes in petroleum refineries
[1–5] and the best example of the large-scale application of Y-zeolites. Every day, more than
ten million barrels of gasoline are produced in FCC units throughout the world [6,7]. VGO or
vacuum gas oil is the typical feedstock used in FCC units. The cracking of VGO hydrocarbons
leads to desirable by-products such as gasoline, liquid petroleum gas as well as to undesirable
ones such as light hydrocarbons and coke [8–11].
FCC involves a complex reaction network and uses a fluidizable catalyst [12–14]. The main
component of the catalyst is usually a Y-zeolite embedded in a catalyst matrix. Y-zeolites
catalyze cracking reactions given their acidic surface sites [15]. As well, and in addition to
gasoline and light gases, coke is formed as a by-product; with coke formation being promoted
at either higher temperatures or longer contact times. Coke formation also leads to a diminished
catalyst activity with an undesirable drop in the overall rate of cracking [16].
Coke is composed of highly condensed aromatic rings. Coke may be deposited either on the
dispersed outer Y zeolite surfaces embedded in the amorphous matrix or in the Y-zeolite
micropores [17,18]. Coke has a very low volatility, remaining entrapped in the catalyst pore
network [19,20]. The coke deactivated FCC catalyst can be reactivated via coke combustion.
One should note however, that catalytic cracking is an endothermic reaction. Thus, the heat
generated by coke combustion, is needed to achieve the thermal balance in the refinery. Thus,
controlled amounts of coke are desirable.
Furthermore, by understanding coke formation, one can provide the basis for the development
of kinetic models for FCC industrial risers and downers [12]. There is, in this respect, a
significant interest in understanding and optimizing FCC operations. These optimizations may
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enhance product selectivity, minimizing coke formation and reducing operational costs [21,22].
Given that nowadays FCC takes place in riser reactor units, and that in the future, it may
potentially occur in downer units, one must establish reliable reaction rate equations, which
adequately include catalyst activity decay [23].
The catalytic cracking of VGO (vacuum gas oil) and model compounds [21,24–27] has been
developed through various kinetic studies. One should mention that, in particular, process
factors affecting coke formation [28–30] need to be identified. Issues with coke are particularly
relevant in FCC riser operation and for the simulation of large downflow reactor units [31–33].
Furthermore, and despite the anticipated importance of the C/O ratio on FCC performance, there
is still a lack of proper understanding of its influence on FCC risers and downers. Few studies
are recorded in the technical literature about the effect of the C/O ratio. Several authors
[21,25,32-34] including Abul-Hamayel et al [34], claim that when the C/O ratio increases, this
leads to enhanced catalytic cracking versus thermal cracking. Frequently, FCC units operate in
the 6-12 C/O range. Thus, there is, in principle, the opportunity of using high C/O ratios for
improving catalytic activity in industrial scale units. In keeping with this view, high C/O ratios
could favor high feedstock conversion, limiting at the same time catalyst activity decay and
coke formation. This reduced coke can be considered favorable given its anticipated influence
on Sulphur oxide emissions. Sulfur species are entrapped in coke and can be released as SOx in
the FCC regenerator [35].
On this basis and given the high interest and value of this topic, it is the main goal of this PhD
dissertation, to study catalyst deactivation by coke. As well, it is the objective of this research
to address the critical effect of the C/O ratio on the hydrocarbon catalytic conversion using a
rigorous methodology. With this end, 1,3,5 tri-iso-propyl-benzene (1,3,5-TIBP) with a good
balance of paraffinic and aromatic functionalities was employed as a model compound during
the experiments. This use of a representative model compound circumvents the analytical issue
when using VGO feedstocks and simplifies the kinetic reaction network [36,37] . As well, this
allows one to better understand the chemical reaction pathways. To accomplish this, 1,3,5-TIBP
thermal and catalytic cracking were developed in a CREC Riser Simulator using Y-zeolite based
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catalysts designated as CAT-A, CAT-B, and CAT-C. Experimental runs were adequately
combined with catalyst characterization (XRD, XRF, NH3-TPD, FTIR and BET) following
cracking runs and catalyst regeneration.

Research Objectives
Based on the objectives stated above, the present study has been strategized to pay general and
specific attention to the following objectives:

General Objectives:
The main objective of the current study is to shed light into the catalytic cracking reactions and
catalyst deactivation by coke. To accomplish this, cracking of a 1,3,5 TIPB model compound
over various catalysts with different activities, at different operating conditions relevant to FCC
riser and downer reactors.

Specific Objectives:
1. To investigate the effects of reaction temperature, reaction time, and very specially C/O
ratio on hydrocarbon thermal and catalytic conversion, product selectivity and catalyst
deactivation by coke (particularly coke selectivity).
2. To perform a physicochemical characterization of both the regenerated and coked catalysts
using advanced surface science techniques including NH3-TPD, BET, and pyridine
adsorption desorption. These technical runs allow us to examine the role of the acid sites
and their changes with hydrocarbon conversion and product selectivity. This takes place
with catalysts having different degrees of coke coverage.
3. To develop a new kinetic model for FCC, describing the effects of catalyst to oil ratio (C/O)
on the coke formation selectivity. It is anticipated that the proposed model will be suitable
for a wide range of operation conditions, different FCC riser and downer designs, and scales.
This model should incorporate the catalyst activity changes as a function of the formed coke.
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4. To estimate the kinetic parameters of the new kinetic model, including intrinsic kinetic
constants and catalyst activity decay using model compounds.
To accomplish the above-described objectives, this dissertation includes seven Chapters. The
contents of Chapters 2-7 are summarized in the next section.

ORGANIZATION OF THE THESIS
The contents of Chapter 2 to Chapter 7 of this PhD dissertation contribute to the present study
as follows:


Chapter 2. This chapter provides the background information on the fundamentals of
catalytic cracking as well as a brief review of the effects of operating conditions such as
reaction time, reaction temperature, and catalyst to oil ratio (C/O). The effects of these
parameters on catalyst deactivation, hydrocarbon conversion, and product selectivity are
considered. Furthermore, this chapter provides a review of the recent progress of catalyst
deactivation models.



Chapter 3. This chapter describes the experimental catalytic system and the model
compounds used to perform catalytic and thermal runs in this PhD thesis. Moreover, in this
chapter, various catalyst characterization techniques are described in detail. These
techniques are applied to assess the catalyst physicochemical changes and its changes with
coking. Furthermore, this chapter describes the experimental methodology considered,
including the runs in the CREC Riser Simulator.



Chapter 4. This chapter reports a detailed description of the experimental data obtained from
catalytic cracking runs and thermal cracking runs in the CREC Riser Simulator. An FCC
catalyst designated as CAT-A is used as the basis of the studies. First, there is a reported
catalyst characterization based on crystallinity, total acidity, specific surface area,
temperature-programmed ammonia desorption, pyridine desorption. Following this, a data
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analysis based on 1,3,5 TIPB conversion, coke selectivity, and gas-phase hydrocarbon
product selectivity at various operating conditions, is performed.

Chapter 5. This chapter describes the C/O effect in a much broader context, using two



additional FCC catalysts, designated as CAT-B and CAT-C. These two catalysts display
different activities and acidities as compared with CAT-A. Following catalyst
characterization (crystallinity, total acidity, specific surface area, and temperatureprogrammed ammonia desorption), 1,3,5, TIPB catalytic cracking runs in CREC Riser
Simulator are reported. These runs show the same effect of the C/O ratio in terms of 1,3,5TIPB conversion, coke selectivity, and product selectivity for the three catalysts studied
(CAT-A, CAT-B and CAT-C).
Chapter 6. This chapter reports a kinetic model of the catalytic cracking of 1,3,5 TIPB



establish with CAT-A data. This mechanistic-based kinetics considers various gas-phase
chemical species at different C/O ratios. The kinetic model is established using a numerical
regression with various kinetic parameters reported with their 95% confidence interval
parameters and their cross-correlation matrix.
Chapter7. This chapter provides the conclusions and recommendations of this PhD



dissertation, highlighting the original aspects of this contribution.

Accomplishments of Research Objectives
The achievements of this PhD dissertation were reported in the following conference
communication and published manuscripts:
I.

Conference Presentation 1: A. Alkhlel, H. de Lasa, “Catalytic Cracking of Hydrocarbons
in a CREC Riser Simulator Using a Y-Zeolite Based Catalyst. Assessing the
Catalyst/Oil(C/O) Ratio Effect”, CSCHE Conference Toronto, October 29, 2018.
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II.

Manuscript 1: S. Lopez-Zamoraa, A. Alkhlel, H. de Lasa. Monitoring the progress of
catalytic cracking for model compounds in the mid-infrared (MIR) 3200–2800cm−1
range. Chemical Engineering Science 192 (2018) 788–802.
https://doi.org/10.1016/j.ces.2018.08.021
This manuscript addresses the application of Mid-Infrared (MIR) spectroscopy, to
establish hydrocarbon species concentrations in the gas phase in riser and downer units.
The proposal considers MIR monitoring chemical species at various reaction times.
Catalytic cracking data of this PhD. Dissertation, obtained in the CREC Riser Simulator
allows quantifying anticipated compositions differences between 1,3,5 TIPB total
hydrocarbons concentrations and 1,3,5 TIPB concentrations in the gas phase. These
differences were assigned to 1,3,5 TIPB intra-catalyst transport effects, as reported in
CHAPTER 4 of this Dissertation.

III.

Manuscript 2: A. Alkhlel, H. de Lasa, “Catalytic Cracking of Hydrocarbons in a CREC
Riser Simulator Using a Y-Zeolite Based Catalyst. Assessing the Catalyst/Oil(C/O)
Ratio Effect”. Industrial & Engineering Chemistry Research. 2018, 57, 41, 1362713638. https://doi.org/10.1021/acs.iecr.8b02427
Manuscript 2 investigates the effects of the changes of the catalyst to oil ratio (C/O) on
FCC cracking using a Y-zeolite based catalyst designated as CAT-A. As well, it reports
the influence of the C/O ratio on cracking conversion and catalyst decay. Detailed results
are reported in CHAPTER 5 of this PhD Dissertation.

IV.

Manuscript 3: Abdualkaber Alkhlel, Hugo de Lasa, “Catalyst/Feedstock Ratio Effect
on FCC Using Different Catalysts Samples”. Catalysts 2019, 9(6),
542; https://doi.org/10.3390/catal9060542
This was an invited article to the Catalysts journal for a Special Issue on catalyst
deactivation led by Prof. Pedro Castano, KAUST, Saudi Arabia. This manuscript
reports the effects of the changes of the C/O ratio, using as the basis of the analysis,
6

two other catalytic cracking catalysts, CAT-B and CAT-C. Detailed results are reported
in the CHAPTER 6 of this PhD Dissertation.
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Chapter 2

Literature Review
Introduction
Fluidized Catalytic Cracking (FCC) is one of the most important vacuum gas oil (VGO)
feedstock conversion methods in oil refineries. FCC is a major contributor to the production of
gasoline [2,12,35]. This technology is in many aspects, a relatively simple process, readily
adaptable to several feedstocks [12]. However, FCC is still being researched and developed.
Today, there are still some aspects of FCC that require further study, such as the catalytic
cracking chemistry, the kinetics and the operating conditions [37]. On this basis, a considerable
number of researchers have been investigating catalytic cracking [38,39]. More specifically,
this involves the modelling of coke formation over acid zeolites such as Y-zeolites [40]. Coke
formation affects chemical species adsorption, diffusion and catalytic reactions and requires
further analysis. These issues will be reviewed in the upcoming sections of this literature review.

Cracking Processes
Gasoline is a main product from a petroleum refinery [41]. About 75-80 % of the VGO
converted products are gasoline and the remaining are light gases and diesel [42]. However, the
current FCC product breaks down; it may not satisfy the future market demand for low
molecular weight olefins (e.g. ethylene and propylene). Thus, it is anticipated that LCO (light
cycle oil), HCO (heavy cycle oil) and unconverted VGO should be further converted into low
molecular weight hydrocarbons as stated in [43,44]
Concerning the FCC processes, both thermal cracking and catalytic cracking have been used in
refineries. However, the use of catalytic hydrocarbons over zeolite catalysts at 500oC, and under
slightly above atmospheric pressure, with low contact times is a preferred option [45,46]. In
thermal cracking, ethylene together with large amounts of C1 and C2 are formed [12]. In catalytic
cracking however, there is a reduced light gas fraction [10], with higher yields of C3-C4 olefins
[47]. This difference in product composition is due to the different reaction mechanisms, with
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free radicals being dominant for thermal cracking, and carbonium ions having a major role in
catalytic cracking [41,48] . Additionally, catalytic cracking, produces higher aromatic fractions
[43,48], with these aromatic species condensing as coke precursors [49].

Catalytic Cracking Mechanism over Zeolites
The catalytic cracking of hydrocarbons over FCC zeolite catalysts is a process dominated by
endothermic reactions [50]. These reactions are accompanied with the undesirable formation of
C2-C5 light gases and coke. Coke leads to catalytic activity decay and selectivity changes with
catalyst time-on-stream [51,52]. Furthermore, catalyst reactivation through coke combustion
involves an exothermic reaction, which is a critical contributor to the thermal balance of the
refinery [53,54].
A typical FCC unit involves the transport and rapid catalytic reaction of chemical species on
solid fluidizable particles as follows: a) hydrocarbons evolving in the gas phase are adsorbed
on the catalyst, and b) adsorbed hydrocarbon species react on the catalyst particles. At riser
outlet adsorbed hydrocarbons are stripped from the catalyst using steam [55]. This complex
reaction encompasses both monomolecular and biomolecular reaction steps [56].
Catalytic cracking relies on intermediate carbocation ions [57]. Carbocations can be divided
into two types: a) Trivalent carbenium ions (e.g. CR3), and b) Penta or Tetra- coordinated (e.g.
CR5 or C2R5) carbonium ions[58]. Others also argue on the role of di-coordinated and tricoordinated carbonium ions [59,60].
Thus, final hydrocarbon product compositions are strongly influenced by carbonium ion
intermediates, as well as by the accessibility of hydrocarbon species to the reactive catalyst sites
inside the zeolite crystallite micropores [60,61].
Typical FCC feedstock is comprised of a combination of hydrocarbons, with these being mainly
aromatic and polyaromatic, paraffinic, and naphthenic species. These hydrocarbons are cracked
through various primary processes, including isomerization, dealkylation of aromatic species,
polymerization, condensation and dehydrogenation [48]. Primary cracking species are exposed
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to secondary reactions which can involve intra/or intermolecular reactive hydrogen transfer
[62]. Under these conditions, the formation of aromatic species can occur [60]. However, some
of these reactions, including isomerization, and the dealkylation of aromatic species, can be
beneficial for the desired product chemical structure [12,48,60].
The catalytic cracking reaction can be considered a cyclic process as described in Figure 2.1,
with the following being involved as in Wojciechowski, B. W [56]:
o Reactant species being adsorbed on acid sites, forming surface ions.
o Theses intermediate surface ion species undergoing both bimolecular and
monomolecular surface reactions.
o Products desorbing from catalytic sites, leaving them free of adsorbed species.

Figure 2.1 Schematic Diagram of Catalytic Cracking

Figure 2.1 describes the intrinsic catalytic cracking steps in more detail, including: a) reaction
initiation, b) reaction chain propagation, c) reaction termination.
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Figure 2.2 Cracking Reaction of an Alkane Molecule (RH) Involving a Hydride Transfer to a
Smaller Carbenium Ion (R1+) Followed by β-scission [63,64].

In this regard, one can envision a first step, encompassing carbenium ion formation at an active
catalyst site. This may be followed by hydride ion abstraction from other chemical species, with
hydride ions being transferred to adsorbed carbenium ions. This leads to carbonium ion
formation. Carbonium ions can crack, at the C-C bond, placed at 𝛽𝛽 position of the trivalent

positively charged carbon atom. The cycle is completed via a termination step which involves
the desorption of observed product species (e.g. alkenes) [63–65].

Figure 2.3 describes the 1984 Haag-Dessau mechanism involving activated alkenes. This
mechanism is, widely accepted and frequently considered as a landmark in catalysis [63,64,66].

Figure 2.3 Haag–Dessau Cracking Mechanism for an Alkane Molecule (RH) involving a
Carbonium Ion Transition State [63,64].
11

The Haag-Dessau mechanism involves carbenium ions being formed through hydride
abstraction or through the protonation of alkenes (e.g. olefin). Hydride abstraction can be
hypothesized as originating from paraffins on Lewis acid sites (trivalent or tri-coordinated
aluminum). As well, the protonation of olefins can take place concurrently on the strong
Bronsted acid sites (penta- or tetra-coordinated carbocation) [56,59]. The outcome is an alkene
formation with a donation of a proton to a zeolite site while freeing an active site [64,67].
Regarding carbocation catalytic cracking, based on a acid–base reaction, carbonium ions
concentration depend on acid site strength [56]. This explains the higher cracking reactivity on
the catalyst with higher Bronsted acid sites over Lewis acid sites ratio [56,59]. Carbocation ion
chemistry can also explain product isomerization. This is given the carbocation tendency of
forming more stable ions [12,60,68].
Together with catalytic reaction mechanism understanding, insights into the catalytic cracking
chemistry are imperative to further enhance the performance of FCC units [45]. One can in this
respect, postulate a stoichiometry of the main catalytic cracking reactions as follows [48,68]:
1. Paraffins are cracked to yield olefins and smaller paraffins:
𝐶𝐶10 𝐻𝐻22 → 𝐶𝐶5 𝐻𝐻10 + 𝐶𝐶5 𝐻𝐻12

2. Olefins are cracked to give smaller olefins:
𝐶𝐶12 𝐻𝐻24 → 𝐶𝐶7 𝐻𝐻14 + 𝐶𝐶5 𝐻𝐻10

3. Alkyl aromatics undergo dealkylation:
𝐶𝐶6 𝐻𝐻5 − 𝐶𝐶𝑛𝑛 𝐻𝐻2𝑛𝑛+1 → 𝐶𝐶6 𝐻𝐻6 + 𝐶𝐶𝑛𝑛 𝐻𝐻2𝑛𝑛

4. Aromatics can also undergo side-chain scission:
𝐶𝐶6 𝐻𝐻5 − 𝐶𝐶8 𝐻𝐻17 → 𝐶𝐶6 𝐻𝐻5 − 𝐶𝐶4 𝐻𝐻7 + 𝐶𝐶4 𝐻𝐻10

5. Naphthenes are cracked to obtain olefins:
𝐶𝐶16 𝐻𝐻32 → 𝐶𝐶6 𝐻𝐻12 + 𝐶𝐶10 𝐻𝐻20
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The Riser FCC Reactor and the Effect of Operating Parameters
in the FCC Unit:
The FCC process unit is configured with two main sections: a riser reactor and a catalyst
regenerator. It is in the riser reactor where the catalytic cracking occurs, with the reaction being
promoted in 60-70-micron pellets: Y-zeolite crystallites dispersed in silica-alumina matrix
pellets. The FCC riser reactor operation can also determine coke formation. Hydrocarbon
conversion, gasoline selectivity and coke formation, are all FCC operating parameters that are
affected by reaction temperature, reaction time, feedstock composition, catalyst properties,
hydrocarbon partial pressure and catalyst/oil ratios (C/O) [27,32,44,69,70].
Coke formed in the riser is combusted in the regenerator where the catalyst activity is recovered
[54,71]. Coke formation is also important given it provides the heat balance to the riserregenerator [10,50,72] and secures an outlet riser temperature in the 510-545 oC range, in order
to maintain product yields at anticipated values [43,47].
The effect of these parameters on the FCC catalyst performance has been widely studied in
several catalytic reactors, with different design configurations. This has been done to optimize
the conditions of existing commercial FCC risers and downers, in order to enhance the product
selectivities, and to minimize the cost [22,73,74]
With this end, kinetic descriptions of catalytic cracking reactions with different degrees of
simplifications have been considered for both the cracking of VGO (vacuum gas oil) and model
compound [7,21,26,75]. Micro Activity Units (MAT), Confined Fluid Bed Reactors (CFBRs)
(e.g. Advanced Cracking Evaluation ACE), and pilot plant riser units (e.g. ARCO)[30,76]
[27,77] have also been employed in these studies [24,27]. The MAT (Micro Activity Test) has
been more frequently been used [21,69,78]. The MAT is operated using a set amount of catalyst
in both fixed bed and fluidized bed configurations. A hydrocarbon flow contacts the catalyst
particles continuously, for a set period of time (e.g. 1 min.). Thus, in these units, the C/O ratio
is established based on a cumulative C/O or a claimed equivalent cumulative parameter (W/FHC
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t). In the MAT, W represents the total amount of catalyst in grams, FHC denotes the hydrocarbon
mass flow in grams per second and t is the time-on-steam in seconds.
Based on the open technical literature, it has become imperative to assess and develop available
laboratory reactors to provide technical support to petroleum refineries for both catalyst and
feed selection [27]. In this regard, since 1992, significant research efforts have been made to
clarify the kinetics of the catalytic cracking of hydrocarbons using both VGO and model
compounds and a new experimental device designated as the CREC Riser Simulator [30,79–
82]
The CREC Riser Simulator is a unique experimental batch bench-scale reactor, which mimics
the reaction conditions of an FCC industrial circulating fluidized bed unit [83]. The reaction
conditions are temperature, partial pressures of hydrocarbons, and contact time [3,76,84]. In the
CREC Riser Simulator, C/O ratios are established on a sound basis: the ratio of the weight of
the catalyst over the weight of hydrocarbon feedstock fed is determined. The Riser Simulator
not only to emulate operating conditions in an industrial fluidized bed unit, but also provides a
close mathematical analogy of continuous risers and downers. In the CREC Riser Simulator,
the C/O is set at a value close to the catalyst mass flow over the hydrocarbon mass flow fed
ratio in a riser unit, as shown in Figure 2.4.
In recent years, the application of the CREC Riser Simulator has allowed researchers in various
laboratories around the world [85], to obtain kinetic data under short contact times (less than 10
seconds), for a diversity of catalytic reactions.
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Figure 2.4 Comparison Showing the Similarity between Reaction Conditions in a Catalytic
Downer Reactor and in the CREC Riser Simulator where C/O, Partial Pressures,
Temperatures and Reaction Times are close in both units [Yira Aponte 2016 [86].
The C/O ratio is a parameter of potential significant importance in FCC units [87]. Changes of
C/O ratio in a continuous FCC riser, can be achieved if one modifies the amount of catalyst
recirculated from the regenerator to FCC riser reactor[43]. In this respect, one can notice
evaluations of FCC operational parameters importance [27], have been consistently overlooked
the C/O ratio.
Regarding the C/O influence on FCC, the following observations are provided in the technical
literature: a) S. Ng (2001)[88] and Corma. A. (2013) assert that at higher C/O ratios, higher
temperatures, and shorter contact times, diesel fractions (C9-C15) are favored. This is consistent
with enhanced hydrocarbon cracking and hydrogen transfer [81,89], b) Sip Chin (2014) [90],
and Corma, A. (2013) state that catalytic cracking at higher temperatures, longer contact times
and higher C/O ratios favor undesirable dry gas yields and coke formation.
Additional interesting data are reported by Xiaohong Li, et al. (2007) who investigated the effect
of mild temperatures and C/O ratios, in the 550-560°C range and in the 5-8 g/g range,
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respectively. These authors postulate that increasing the C/O ratio augments the light gas yields.
On the other hand, Maya Yescas (2005) claimed that higher C/O ratios lead to higher gasoline
yields (about 50%) and this in the C/O 9.5-10.5 range.
To be able to address these issue, Yakubu M et. al. (2017) conducted an FCC unit simulation
by varying the C/O in the 1.7-2.4 range, using units with 1-1.6-meter diameter. It was found
that the higher the C/O ratios and temperatures, the lower the gasoline yields, and coke formed.
Given these conflicting results, it is the goal of this PhD dissertation to consider the effect of
C/O ratio on FCC unit performance. These experiments to be developed in the CREC Riser
Simulator, will allow establishing the C/O ratio effect on both feed conversion, product
selectivity and coke formation.

Modes of Catalyst Deactivation
FCC catalysts may be deactivated by coke. This is a major issue in FCC. Coke can be formed
in the zeolite micropores [80,91], or alternatively in the catalyst particle matrix [76].
Deactivation may in fact, involve two concurrent phenomena: a) physical deactivation and b)
chemical deactivation. Physical deactivation refers to pore blockage. Coke precursors may
deposit on catalyst surfaces blocking pores. Thus, reactants are not able to diffuse and reach
active sites [17]. Jimenez et al [79] describe VGO reaching mesopores (outer surface of the
zeolites) where coke precursors and coke form. Chemical deactivation on the other hand, takes
place when highly condensed aromatics deposit on catalyst micropore acid sites.
In regard to coke formation, one can notice that spent catalysts display a dark grey color. This
visible dark grey color can be associated to the coke formed on the outer FCC particle surfaces
[43]. Thus, the coke formed on the matrix of the catalyst and on the Y-zeolites appears to be
significant.
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While both physical and chemical deactivation may contribute to lower catalytic activity, there
may be discrepancies in the interpretation of deactivation events. For instance, it may be
considered that:
a) Coke precursors are formed first, in the intracrystallite pores, or
b) Coke precursors overflow to the catalyst matrix cavities forming coke (polyaromatic
molecules) and in some cases blocking pores [92].
In addition, it can be envisioned that coke forms on the catalyst matrix first (e.g. VGO is
precracked in the matrix). Additional coke can be formed later as gasoline and light cycle oil
crack in the Y- zeolites. This second coke formation mechanism appears to be the one more
likely to occur when FCC catalysts with active catalytic matrices crack heavy VGOs.

Reversible and Irreversible Deactivation:
Coke and Deactivation:
Coke is comprised of highly condensed aromatic molecules that deposit on catalyst active sites
and/or block the catalyst pores [70]. Coke formation is affected by several factors including the
“pore structure” zeolite topology, the reaction temperature as well as the feedstock impurities.
These parameters affect the observed rates of chemical reactions.
The term “coke” has been used to designate carbonaceous materials left on the catalyst matrix
or in the zeolite micropores after the FCC reaction. Wang [85] argues that coke is not a single
species “per se”, but rather a complex combination of strongly adsorbed high molecular weight
by-products. On this basis, a general formula for coke is considered as follows: CHn where” n”
decreases with the extent of aromatic species condensation [93]
Coke formation is a complex phenomenon [92] that may be affected by operating conditions
[94] such as: a) temperature, b) C/O ratio, c) reaction time, d) catalyst properties and e) feed
composition [95]. At high temperatures, unwanted polyaromatics are formed causing catalyst
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deactivation. Precursors of the undesired polymers may already be present in the feed or may
be formed in the product species.

On this basis, coke formed on FCC catalysts can be classified as follows:
o Catalytic coke. This coke is formed as a by-product of catalytic cracking. It is deposited
on the acid sites, mainly located in the micropores of the zeolite crystallites.
o Thermal coke. This coke is formed because of thermal cracking and is deposited on the
matrices of the catalyst particles. The maximum expected thermal coke can be
approximated with the Conradson Carbon Residue (CCR) of the feedstock [85].
o Contaminant coke. This coke is produced because of the dehydrogenating activity of Ni,
Cu, V or Fe feedstock contaminants.
o Additive coke. This coke is produced by the impurities of the feedstock (from heavy
molecules already present in the feed) [85,95].
o

Catalyst to oil coke. This coke is formed by hydrocarbons trapped in the small FCC
catalyst pores, which frequently show difficulties to be removed in the FCC stripper
[17].

However, irreversible catalyst deactivation can be caused by factors other than coke. For
instance, catalysts subjected to severe hydrothermal operations may lead to losses of
crystallinity [96,97]. As well, FCC samples can be poisoned by undesirable elements, such as
nickel, and/or vanadium [25,98]. Vanadium deactivates the active sites and form vanadic acid,
while nickel increases undesirable products [99–101]
Given the significance of coke on FCC and the influence of C/O this PhD Dissertation,
addresses catalytic coke and its effects on catalyst activity decay.

Coke Characterization:
Catalyst deactivation by coke has been under active research for more than 60 years [95,102].
Coke formation may be affected by chemical species catalytic cracking and diffusional transport
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[17,80]. Coke can be characterized in terms of elemental composition, using carbon and
hydrogen elemental analysis as determined by TOC (total organic carbon) analysis.
One should note that the catalyst sampling in FCC industrial riser units is limited to the unit
exit. Thus, one is confined to look for alternatives. An option is to perform TOC coke analysis
on catalyst samples obtained from FCC simulators such as the CREC Riser Simulator at various
reaction times and temperatures.

Diffusion and Adsorption-Desorption of Chemical Species
Hydrocarbon diffusion and adsorption play a major role in catalytic cracking. For catalytic
cracking to take place, reactants must be adsorbed on the catalyst matrix or on the micropore
crystallites (zeolites). [92,102]. Hydrocarbon species diffusion may affect the overall catalytic
reaction, and this may be the case when cracking occurs more quickly than in diffusional
transport [92]. While diffusion in the catalyst matrix may belong to the molecular or Knudsen
diffusivity regime, diffusion in the Y intracrystallite spaces may take place using the
“configurational” regime [30,92,102].

19

Estimation of Cracking Kinetics and Catalyst Activity Decay
during 1,3,5-TIPB Cracking.
Introduction.
Catalytic reactions lead to coke formation as a by-product [27]. It is well known that most of
the active sites exist in an intracrystallite “zeolite pore structure” [15,20,103]. Thus, for the
reaction to advance, molecules of reactants must diffuse within the network of micropores.
Thus, the transport of hydrocarbon molecules through the zeolite micropores is highly
dependent on the kinetic hydrocarbon reactant species molecular diameter [55]. Thus, catalytic
cracking and diffusional steps, may both affect the overall extent of catalytic cracking
[27,44,104].

Catalyst Deactivation Functions
Coke effects on catalyst activity can be described using several available deactivation models
[26]. These models link catalytic activity decay to time-on-stream (TOS) [105] and the cokeon-catalyst (qc) [106] variables.
In this respect, Voorhies 1945 [107] proposed a model where coke formation was primarily a
function of the residence time (t):
qc = ε t m

(2.1)

with qc represents the coke weight fraction and ε and m are adjustable parameters.
Voltz et al [108] confirmed that the Voorhies equation can be employed with different
feedstocks. Later, Yates [109] discussed the inadequacy of Voorhies equation. These authors
mentioned that this equation does not account for reactant composition, extent of conversion
and hydrocarbon space velocity.
On the other hand, Levenspiel [46] considered an exponential catalyst decay function in terms
of the catalyst time-on-stream (TOS or tc):
(2.2)

ɸ = 𝑒𝑒𝑒𝑒𝑒𝑒 (−𝛼𝛼 𝑡𝑡𝑐𝑐 )

with tc representing the catalyst time-on-stream.
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One should note that Eq. (2.2) does not consider the hydrocarbon concentration and/or the
fraction of available active sites on the catalyst surface. Despite this, this empirical model has
been used extensively in industrial refineries[110].
Furthermore, Levenspiel 1968 [46] argued that a catalyst activity decay function should include
the rate of active site changes as follows:
𝑑𝑑Φ

− 𝑑𝑑𝑑𝑑 = 𝑘𝑘𝑑𝑑 Φ𝑚𝑚

(2.3)

with ɸ = 1 at t=0

Or alternatively Eq. (2.3) can be expressed in the integrated form as follows:

Φ = [1 + 𝑘𝑘𝑑𝑑 (𝑚𝑚 − 1)𝑡𝑡𝑐𝑐−1⁄𝑚𝑚−1 𝑓𝑓𝑓𝑓𝑓𝑓 𝑚𝑚#1

(2.4)

Eq. (2.4) becomes in fact Eq. (2.2), at m=1, or Φ = 𝑒𝑒𝑒𝑒𝑒𝑒. (−𝑘𝑘𝑑𝑑 𝑡𝑡𝑐𝑐 )

Regarding Eq. (2.4), and when considered it at long time-on-stream (TOS) or tc, the 𝑘𝑘𝑑𝑑 (𝑚𝑚 − 1)
term becomes larger than 1 with the following being obtained [12]:

Φ = 𝐷𝐷𝑡𝑡 𝑛𝑛 where 𝐷𝐷 = [(𝑛𝑛 − 1)𝐾𝐾𝑑𝑑 ]-n

(2.5)

Eq. (2.3) can also be expressed by including both the fraction of active sites and the feedstock
concentration as follows:
𝑑𝑑Φ

− 𝑑𝑑𝑑𝑑 = 𝑘𝑘𝑑𝑑 𝐶𝐶𝐴𝐴2 Φ𝑚𝑚

(2.6)

where ɸ is the fraction of the active sites, t represents the TOS, kd denotes the deactivation
constant and m stands for the order of catalyst activity decay.
One should note that the above described models require the joint evaluation of 𝑘𝑘𝑑𝑑 and n [110].

Bischoff (1968), and Froment and Bischoff [89], proposed as an alternative, an exponential
decay function of coke concentration [108] as follows:
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𝑎𝑎 = 𝑎𝑎0 exp(−𝛼𝛼𝑞𝑞𝑐𝑐 )

or ɸ = 𝑒𝑒𝑒𝑒𝑒𝑒. (−𝛼𝛼𝑞𝑞𝑐𝑐 )

(2.7)

with α being a decay constant.

Finally, Corella [44] suggested a decay model based on qc or T-O-S (time-on-stream) as
independent variable instead of C-O-C (coke-on-catalyst)
or ɸ = 𝑒𝑒𝑒𝑒𝑒𝑒. (−𝛼𝛼𝛼𝛼)

(2.8)

Where 𝛼𝛼 represents a crackability factor to be fitted experimentally (empirical parameter) and
𝑅𝑅 corresponds to a TOS (time-on-stream) variable.

In summary, the modelling of catalyst deactivation has gone through significant changes since
1945. Empirically based functions such as exponential decay functions expressed in terms of
TOS or qc, have been considered to represent catalyst activity decay. Modifications of these

functions such as the ones using the crackability factor appear to be inadequate [43].
Jimenez et al [79] recently proposed to represent catalyst activity using an effectiveness factor
as shown below:
(2.9)

𝑎𝑎𝑖𝑖 = 𝑎𝑎0 𝜂𝜂𝐺𝐺𝐺𝐺

with 𝑎𝑎𝑖𝑖 being the observed catalyst activity and 𝑎𝑎0 being the initial value of activity at zero
reaction time, 𝜂𝜂𝐺𝐺𝐺𝐺 𝑖𝑖𝑖𝑖 𝑎𝑎 dimensionless overall l effectiveness factor for spherical particles.

Jimenez et al[79] argued that the calculation of ηGs or effectiveness factor should involve both

internal and external transport processes. Furthermore, and regarding the coke deposited on the
zeolite, one should evaluate the ηGs (applicable to species diffusion-controlled transport) using
the following equation:
1

(2.10)

𝜂𝜂𝐺𝐺𝐺𝐺𝐺𝐺 = ɸ

𝑖𝑖𝑖𝑖

with ɸ𝑖𝑖𝑖𝑖 being the Thiele modulus of the j reaction and i chemical species
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Furthermore, if coke is deposited on the catalyst inner particle surfaces, catalyst activity may
change with reaction time.
Thus, it is anticipated that, as coke is deposited, the effectiveness factor decreases as the
effective diffusivity given, shown below:
𝜂𝜂𝐺𝐺𝑖𝑖𝑖𝑖

𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸
𝜂𝜂𝐺𝐺
𝑖𝑖𝑖𝑖

0.5

𝐷𝐷

𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒
= �𝐷𝐷𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸
�
𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒

(2.11)

with 𝐷𝐷𝑒𝑒𝑒𝑒𝑒𝑒𝑒𝑒 representing the effective diffusivity for an individual (i) compound (m2/s),
It is therefore expected, that the ηGs will change with the variation of the pore volume fraction,
resulting in coke deposition as follows:
𝜂𝜂𝐺𝐺𝑖𝑖𝑖𝑖

𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸
𝜂𝜂𝐺𝐺
𝑖𝑖𝑖𝑖

𝜀𝜀𝑝𝑝

0.5

(2.12)

= �𝜀𝜀𝐸𝐸𝐸𝐸𝐸𝐸𝐸𝐸 �
𝑝𝑝

Where ε is the internal void fraction of the catalyst (

𝑚𝑚3 𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚𝑚
3
𝑚𝑚𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝

).

Thus, when this model is used, the observed catalytic activity is expected to diminish with the
porosity or pore volume. One can anticipate, however, that the mathematical activity decay
model as originally formulated by Jimenez et al [79], would require re-analysis using the species
balances in the crystallites instead of using the FCC particle size.

Conclusions
The following are the main conclusion of the present chapter:
a) Fluidized bed catalytic cracking modeling should consider the influence of temperature,
reaction time and C/O ratio and its effect on coke formation, hydrocarbon conversion, and
product selectivity. While these topics are well understood, there is still significant
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uncertainty regarding the effect of C/O ratios and the needed catalyst decay models
accounting for coke formation.
b) Coke effect on catalyst decay has evolved over the years from empirical equations to more
fundamentally based models. These fundamentally based kinetics are critical to describe
catalytic activity decay and coke selectivity in FCC units.
c) Establishing this kinetics including the critical influence of the C/O ratio is one of the main
aims of the present PhD Thesis. With this end, experiments are developed in CREC Riser
Simulator. This is the first experimental study showing the effect of coke selectivity via the
changes of C/O ratio. These runs were developed progressively increasing catalyst loading
in the CREC Riser Simulator as reported and discussed in CHAPTER 4, and CHAPTER 5.
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Chapter 3

Experimental Methodologies
Introduction
This chapter reports the experimental equipment and procedures used in this PhD dissertation.
The first section describes the properties of the materials employed. In addition, this chapter
reports the various characterization techniques utilized to assess the effect of coke formation on
the FCC Y-zeolite based catalyst.
Following this first section, this chapter provides details of the mini-fluidized bed CREC Riser
Simulator reactor system along with its various auxiliary components. This reactor was used in
all the catalytic runs of this PhD dissertation.

Materials and Methods
Feedstock and Catalysts
In this study, the 1,3,5-TIPB chemical species was chosen as a model compound feedstock to
evaluate the catalytic cracking of a Y- zeolite based catalyst. The 1,3,5-TIPB was selected as a
model compound, given its special combination of aromatic and iso-paraffin functionalities
[111,112]. Additionally, the 1,3,5-TIPB is considered a valuable chemical species given its 9.4
A° critical molecular diameter, which allows combined diffusional and catalytic effects in the
Y zeolites to be evaluated [97,113–115]. All products from the 1,3,5-TIPB conversion were
identified and quantified using GC-MS analyses as described in upcoming section 3.2.3. The
main properties of the feedstock are outlined in Table 3.1 as follows:
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Table 3.1 Characteristics of 1, 3, 5-Tri-Iso-Propyl-Benzene. [111]
Structure

Empirical

Molecular Weight/(Da)

Formulae

Boiling

Molecular

Point/(oC)

Diameter/
Nanometer

C15H24

204.4

232-236

0.94

Regarding the FCC catalysts employed, three commercial equilibrium FCC Y-zeolite
fluidizable catalysts with a 60−70-micron average particle size, were employed in this PhD
thesis. These three catalysts were designated as CAT-A, CAT-B, and CAT-C, with their
properties reported in Chapter 5 (section 5.2.1). These catalysts were characterized using XRD,
XRF, NH3 ammonia adsorption desorption, pyridine desorption and BET, as described in
upcoming Section 3.3.

Catalytic Cracking with a Model Compound, and the Range of
Operating Parameters Selected.
The 1,3,5-tri-iso-propyl-benzene (TIPB) has been widely employed as a model compound to
evaluate and characterize catalyst activity and kinetic modelling in FCC [66,116]. The 1,3,5TIPB cracking reaction is relatively easy to follow, given that one can identity and quantify
various reaction products. With this information, rigorous kinetic modelling can be developed
and catalyst deactivation by coke be determined. [54,70,71].
With this goal in mind, 1,3,5-TIPB catalytic cracking runs were developed in the CREC Riser
Simulator, using the commercial catalysts denoted as CAT-A, CAT-B and CAT-C. Both
thermal and catalytic runs were conducted under the following conditions: a) temperatures: 510,
530 and 550°C, b) contact times: 3, 5 and 7 seconds, c) catalyst-to-oil ratios (C/O ratio): 0.6,
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0.8, 1.25, 2.5, 3.75 and 5. For every experiment, 0.2g of 1,3,5-TIPB was contacted with 0.12g,
0.16, 0.25, 0.5, 0.75, and 1g of catalyst amount. This was done, to achieve a C/O ratio in the
range of 0.6 to 5.
Regarding the runs, they were developed under operating conditions that closely resemble those
in FCC riser and downer units. This was required to validate the proposed coke formation
mechanism model (refer to Chapter 4), and to provide adequate and reliable data for kinetic
modelling (refer to Chapter 6). With this end and in the context of the present PhD studies, in
excess to 670 runs were performed in the CREC Riser Simulator. This included thermal and
catalytic cracking, with at least 5 repeats per experimental condition. This was carried out, to
ensure the consistency, the reproducibility and the statistical significance of experimental
results.

Analytical Methods
An Agilent Varian 6890 gas chromatograph unit (Santa Clara, CA, USA) was used to quantify
various chemical species formed. This unit was equipped with a flame ionization detector (FID)
and a 0.25 µm ID and 30 m length HP1 capillary column. During this analysis, the FID detector
temperature was set to 320 °C, while the column temperature was augmented at a rate of 5
°C/min starting from 35 °C, up to 350 °C. The 320 °C temperature was maintained for 22 min.
Additionally, an Agilent 5973N mass selective detector (MSD) was employed for the
identification of various chemical product species, with the help of the MSD Chemstation
software library.
On this basis, gas phase detectable products were comprised of propylene, benzene, cumene
and DIPB (di-isopropyl-benzene). These observed cracking products can be used to establish
the 1,3,5 TIPB catalytic cracking network as described in Chapter 6.
Thus, given the above, the following 1,3,5 TIPB conversion and product selectivity parameters
can be established using the following equation:
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1,3,5 𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 (%) =

�𝑀𝑀𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 +𝑀𝑀𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷 +𝑀𝑀𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 +𝑀𝑀𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏𝑏 +𝑀𝑀𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 �
𝑀𝑀1,3,5 𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇.

𝑥𝑥100

𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀

𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃𝑃 𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 − 𝑀𝑀 = 𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀𝑀 𝑜𝑜𝑜𝑜 1,3,5𝑖𝑖,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝
𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆𝑆 − 𝑊𝑊 = 𝑀𝑀

𝑀𝑀𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐

1,3,5 𝑇𝑇𝑇𝑇𝑇𝑇𝑇𝑇

𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶

(3.1)

(3.2)

(3.3)

Where Mi are the moles of “i” species (moles) in the gas phase, Mcoke are the moles of coke
formed on the catalyst, Selectivity-M are the moles of product “i” species per mole of 1,3,5TIPB converted, and Selectivity-W are the grams of coke per gram of TIPB converted.

Catalyst Characterization
The various FCC catalysts used were characterized prior to and after catalytic cracking runs
using the 1,3,5 TIPB model compound with the following methods:
 X-ray Diffraction (XRD)
 X-Ray Fluorescence (XRF) was used to establish the Ni, AL, Si, and V metal content.
 The N2 Adsorption Isotherm (BET and pore size distribution PSD).
 The Temperature Programmed Desorption (TPD).
 Fourier Transform Infrared Spectroscopy (FTIR).
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X-Ray Diffraction (XRD)
Powder X-ray diffraction (XRD) patterns of the catalysts of the present study were obtained by
Ni-filtered Cu Kα radiation (λ = 0.15406 nm). XRD diffractograms cover the 5–90° degrees of
the 2θ scale. The crystallinity and unit cell size per catalyst were determined by using the ASTM
D-3942-85 method. High purity silicon powder (99%) was employed as an internal calibration
standard. Unit cell size and crystallinity were calculated using XRD diffractograms as illustrated
in CHAPTER 5.

X-Ray Fluorescence (XRF)
XRF was used to determine the metal content (Ni, Al, Si, Fe, Ca, and V) of the FCC catalysts
studied. Metals can contribute to irreversible catalyst deactivation [102,117,118]. Metals on the
catalyst can be traced to VGO impurities (e.g. Ni, V containing species [98,119]. Deposited
metals may also affect catalytic activity and selectivity. This is the case for vanadium reacting
with zeolite framework, forming vanadic acid as well as for nickel, depositing in the zeolites
and increasing undesirable hydrogen formation [120]. Observed metals content of different
catalysts are reported in appendix C2.

N2 Adsorption Isotherm (BET) and Pore Size Distribution PSD)
The FCC catalyst can be affected by hydrothermal aging (dealumination) with a loss of surface
area. [23,121,122]. Thus, for each catalyst studied, the specific surface area, the pore volume,
and the pore size distribution (PSD) were determined by using an ASAP 2010 Analyzer BET
for nitrogen adsorption (Norcross, GA, USA) at 77K. Samples were degassed at 200 °C for 4
hours, prior to analysis. The pore size distribution (PSD) was established by plotting the dV/dD
(the differential pore volume) as a function of the pore diameter (D) [123]. The integration of
the differential pore volume function provided the total pore volume (PV). Furthermore, the
consideration of the PSD allowed us to determine micropores (7A-12A) and mesopores (>12A)
[76].
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Temperature Programmed Desorption (TPD)
NH3-TPD was employed to determine the total acidity of the catalysts studied. This was
achieved by measuring the amount of ammonia desorbed while heating catalyst samples (up to
550 °C), using a 15 °C/min heating ramp. For each TPD, a 0.1−0.2 g of catalyst sample was
ﬁrst pretreated for 1 h at 650 °C while in contact with a 50 mL/min helium carrier. Following
this, the catalyst sample was cooled down to 100 °C and was contacted with a 5% NH3/He gas
mixture for 1 h. Then, the catalyst sample was heated progressively at a rate of 15 °C/min under
a 50 mL/min helium flow. Heating continued until 650 °C was reached. Due to the progressive
heating, ammonia was gradually desorbed from the catalyst and measured with a thermal
conductivity detector (TCD).

Fourier Transform Infrared Spectroscopy (FTIR)
FTIR spectroscopy was also employed in conjunction with pyridine desorption to quantify the
ratio of Brönsted and Lewis acid sites. Pyridine analysis was conducted in a Bruker FTIR
(Billerica, MA, USA). Prior to measurements, the zeolite samples were first dried in a furnace
tube under nitrogen flow, at 550 °C for 2 h. Then, a pyridine/nitrogen gas mixture was contacted
with the catalyst at 100 °C for 1 h. Following this, with the temperature at 100 °C, a nitrogen
flow was introduced into the furnace tube to remove weakly adsorbed pyridine species. After
this stage, the catalyst sample was placed on a sodium chloride wafer with the pyridine FTIR
spectrum of adsorbed species being recorded using a diffuse reflectance Fourier-transform
Infrared Spectrometer (DRIFTS). The catalyst sample was dispersed in a KBr wafer and
analyzed by using the FTIR technique. The details of the spectral ranges and the IR bands of
the pyridine adsorption detected are described in Chapter 4.
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Catalytic Reactor System
Experimental Setup:
The design and assembly of the CREC Riser Simulator is described in Figure 3.2. The CREC
Riser Simulator is constituted by two main sections, an upper and a lower reactor shell. The
lower shell holds a catalyst basket. The two shells allow easy access to the reactor basket for
the loading and unloading of the catalyst. Two grids placed at the top and bottom of the basket
constrain catalyst mobility inside the basket. Additionally, the reactor is equipped with an
impeller located in the upper reactor section. Rotation of the impeller at 5700 rpm facilitates
particle fluidization and hydrocarbon species recirculation. This forced movement of the gases
causes FCC particles to be fluidized.

Figure 3.1 Sectional View of the CREC Riser Simulator Reactor with the Detailed Assembly of
the Catalyst Basket and Impeller. The green line shows the gas flow path upon rotation of the
impeller [124]
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The CREC Riser Simulator operates in association with other accessories, such as a vacuum
box, a gas chromatograph (GC), a series of sampling valves, a timer, two pressure transducers
and two temperature controllers. A schematic diagram of the CREC Riser Simulator, along with
the major accessories is illustrated in Figure 3.3. The vacuum box, which is a stainless-steel
cylinder is connected to the reactor by a four-port valve that enables the connection-isolation of
the reactor and the vacuum box. A timer is connected to an actuator, which operates the fourport valve. This timer is used to set the reaction time for every experimental run.

Figure 3.2 Schematic Diagram of the CREC Riser Simulator Experimental Setup [42]
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Experimental Procedures:
All thermal and catalytic runs were conducted in CREC Riser Simulator as described in the
former Section 3.4.1. Various amounts of catalyst, from 0.12 to 1g, were loaded into the catalyst
basket. Following this, the reactor unit was sealed and heated to 650°C. Then, air was circulated
in the reactor for a 20-minute period. This was done to combust the coke formed on catalyst.
Following this, the reactor was cooled down to reach the selected reaction temperature (e.g.
550°C) with argon being circulated for 10 min. This allowed air to be completely purged from
the reactor system. Once the desired pre-set reactor temperature was achieved, the vacuum box
at typically 300°C, was also brought to 1.5 psi of vacuum pressure. Then, the impeller of the
reactor was rotated at 5500rpm. This was done to fluidize the catalyst sample contained in
between the two basket grids [83].
At this stage, the reactor system was considered ready to start a run. In fact, a run was initiated
immediately once the 0.2 g of TIPB (feed) was injected in the reactor via the injection port.
Once this was accomplished, the hydrocarbon sample was vaporized almost instantaneously.
The run continued for a pre-set reaction time (e.g. 5 s.) with the hydrocarbon species and the
fluidized catalyst being in close contact. Once the pre-set reaction time was attained, the reactor
contents were evacuated to the vacuum box through a 4PV (four-port valve). The evacuation of
the reactor contents was quick. This was the case given the pressure difference between the
reactor and the vacuum box. In this manner and given that all the catalyst remained in the reactor
basket, it was considered that all cracking reactions were essentially arrested at this time.
Once the reactor contents were completed, the hydrocarbon sample was transferred to a GCMS for analysis through a transfer line. The GC-MS analysis allowed identification and
quantification of all hydrocarbon species, and calculation of both hydrocarbon conversion and
product selectivity.
Following this, the FCC catalyst was removed from the catalyst basket. A TOC (Total Organic
Carbon) analysis on the catalyst was performed using a TOC-VCPH Analyzer from Shimadzu
(Kyoto, Japan). In the TOC analyzer, an infrared detector measured the total moles of CO2
formed by coke combustion. With this information, the moles of coke formed were calculated
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and the coke-on-catalyst (COC) was established as a weight fraction. Coke was burned under
air flow at 900°C. A thermal conductivity detector (TCD) measured the total moles of CO2
formed by combustion. With this information, the moles of coke were calculated and the weight
fraction of the coke-on-the catalyst (COC) was established.

Thermal Runs
Preliminary studies included thermal cracking runs developed in the CREC Riser Simulator
using an empty reactor: no catalyst was loaded in the basket. This allowed assessing the effects
of thermal conversion on the overall 1,3,5-TIPB conversion. Furthermore, and to confirm the
minor influence of thermal cracking, runs were also developed using a reactor basket loaded
with an inert solid (hydroxyapatite), with no detectable acidity. These thermal cracking runs
were developed at the three reaction temperatures and the three reaction times of the catalytic
runs (refer section 3.2.2)

Gas Phase Sampling
One important feature of the CREC Riser Simulator reactor is its capability to shed light into
the potential influence of hydrocarbon intra-catalyst diffusional effects [125]. This is the case,
given that it can be operated with two possible sampling modes:
a) Sampling Mode 1: Reactor at Quasi Total Evacuation. This is in fact the sampling mode
described in Section 3.4.2. In this case, once the selected reaction time was reached, almost
the entire hydrocarbon species reactor contents were transferred to the vacuum box for
further GC-MS analysis. It was found that the GC-MS data can be used to accurately and
reliably establish the total amount of hydrocarbon species present and the overall TIPB
hydrocarbon conversion. This mode of operation was in fact, the mode of operation
considered in most of experimental runs of this PhD dissertation.
b) Sampling Mode 2: In this sampling mode, while all run preparation steps were identical to
the ones of Mode 1, the vacuum box was set at a total pressure of close to atmospheric
pressure (13.5-14.7psia). Thus, in this case, only the hydrocarbon species in the reactor gas
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phase was transferred to the vacuum box. The data resulting from this sampling mode was
used to assess potential inaccuracies in the overall TIPB conversion as a result of 1,3,5TIPB intraparticle diffusional effects.

Conclusions
This present chapter describes the various methods successfully studied in this PhD
Dissertation.

a) The BET specific surface area, the N2-adsorption isotherm, and the particle size distribution
methods were used successfully to establish the structural and physicochemical properties
of the catalysts.
b) The XRD was utilized with advantage to establish the crystallinity and the unit cell size of
the Y zeolites of the FCC catalyst used.
c) The NH3-TPD and pyridine desorption was valuable to determine catalyst total acidity, and
Brönsted and Lewis acid site ratios, respectively.
d) The fluidized CREC Riser Simulator reactor, proved to be a reliable device to evaluate the
hydrocarbon conversion, as well the product selectivity of the 1.3.5-TIPB model compound.

35

Chapter 4

Cracking of 1,3,5-TIPB over CAT-A
Introduction
This chapter aims to report the experimental results obtained from thermal cracking and
catalytic cracking using 1,3,5-TIPB over a commercial FCC catalyst designated as CAT-A. A
detailed description of these trends in terms of 1,3,5-TIPB conversion, coke selectivity, product
selectivity, along with catalyst characterization data, is also provided in the subsequent sections
of this chapter.

Catalyst Characterization
X- Ray Diffraction
X-ray diffraction was used to identify the Y zeolite structure in the catalyst. This was done given
the observed Y zeolite characteristic diffraction bands of the CAT-A particles as reported in
Table 4.1. Table 4.1 shows a comparison of the characteristic XRD bands for the CAT-A and
the ones reported for the Y zeolites [Gianetto, A. 1993 [126]. One can notice the similarity of
the observed bands obtained from the CAT-A and those from the cited reference. As a result, it
was confirmed that the zeolites embedded in the matrix were of the Y type.
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Table 4.1: Characteristic XRD Diffraction Bands at Various 2 Values for the CAT-A and for
a NaY Zeolite as reported by Gianetto, A. 1993.
Peak
1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
17
18
19
20
21

NaY Zeolite
6.24
7.16
11.47
13.78
14.92
18.16
20.84
24.22
26.5
27.5
30.2
31.00
31.5
32.36
35.42
36.62
37.96
38.5
39.7
41.54
43.44

Cat-A
6.28
7.11
10.88
12.05
15.02
19.11
20.83
24.12
26.16
27.42
30.08
31.02
31.4
32.90
35.41
36.35
37.61
38.71
39.80
41.58
43.36

NH3-TPD (Temperature Programmed Desorption)
Figure 4.1 reports the NH3-TPD analyses for four CAT-A samples as follows: a) Continuous
black line: FCC catalyst free of coke, b) Continuous blue line: FCC catalyst with 0.193 wt.% of
coke, c) Continuous red line: FCC catalyst with 0.178 wt.% of coke, d) Continuous violet line:
FCC catalyst with 0.236 wt.% of coke, and e) Continuous green line: FCC catalyst with 0.263
wt.% of coke, f) Continuous blue line: represents experiment baseline.
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Figure 4.1 NH3-TPD Analyses for CAT-A. Notes: Continuous black line: FCC catalyst free of
coke; Continuous red line: C/O= 0.6; Continuous blue line: C/O=1.25; Continuous violet
line: C/O=2.5; continuous green line: C/O=5; Continuous blue line: experiment baseline.
One can observe as shown in Figure 4.1, that there is a reduction in catalyst acidity, with this
being particularly noticeable when the catalyst to oil ratio was increased from 2.5 to 5. In this
case, the NH3 adsorbed as recorded by TPD decreased from 78 to 67 cm3 STP/g NH3-TPD.

Nitrogen Adsorption and BET (Brunauer-Emmett-Taller)-Specific
Surface Area.
The catalyst specific surface area, pore volume and pore size distribution of the CAT-A samples
were determined using ASAP 2010 Analyzer. Figure 4.2 reports the nitrogen adsorption
isotherms effected at 77 K for the following catalyst samples: a) A regenerated CAT-A free of
coke, b) A coked CAT-A catalyst following runs at 550 oC and 7s, using 0.8, 1.25, 2.5, 3.75,
and 5 C/O ratios:
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Figure 4.2 Nitrogen Adsorption Plots affected at 77 K.

Table 4.2 summarizes the catalyst specific surface area (SSA) and catalyst pore volume (PV)
that were calculated based on the data reported in Figure 4.2. One can notice a progressive
reduction in both the SSA and PV with the increasing catalyst/oil ratio (C/O): from 99.6 m2/g
and 0.1586 cm3/g to 78.5 m2/g and 0.123 cm3/g, respectively. To ascertain these changes using
the selected samples, up to three repeats were performed. A 3% standard deviation for specific
surface areas was noticed.
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Table 4.2: Specific Surface Area [SSA] (m2/g), Pore Volume [PV] (cm3/g), and Mesopore
Volume (cm3/g) for CAT-A, Following Catalytic Cracking Runs at 550°C and 7 s, Using
Different C/Os. SD on repeats: +/- 3 m2/g.
CAT-A Catalyst Samples
BET (SSA)
Pore Volume

Free Coke

C/O= 0.8

C/O=1.25

C/O=2.5

C/O=3.75

C/O=5

99.6

99.0

86.9

85.75

80.4

78.5

0.158

0.158

0.141

0.135

0.122

0.123

0.112

0.111

0.0983

0.0941

0.0840

0.085

0.0468

0.047

0.0421

0.0409

0.0379

0.038

(PV)
Mesopore
Volume
Micropore
Volume

Thus, the reduction of both the SSA and the PV at higher C/O ratios, suggests that higher C/Os
lead to increased coke per unit weight of catalyst. However, and to fully characterize the extent
of pore deactivation by coke, one should consider the CAT-A micropore volume in the 7-20 Å
range [80].
Table 4.2 and Figure 4.3 both report the micropore volume of the regenerated CAT-A (free of
coke) and the micropore volume of CAT-A after runs at 7s, 550°C and C/O=5. It is shown that
increased C/Os lead to considerably diminished macropore and micropore volumes, decreasing
from 0.112 cm3/g to 0.085cm3/g and from 0.0468 cm3/g to 0.038 cm3/g, respectively. This is
consistent with an augmented coke formed per unit weight of catalyst, which is the case for
higher C/Os. This diminish activities are in the line with other finding [129].
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Figure 4.3 Differential Pore Volume (dV/dD) as a Function of the Pore Diameter (D) Using
the N2-Adsoprtion Isotherm. (■) CAT-A free of coke; (●) CAT-A at C/O = 0.8g/g; (▲) CAT-A
at C/O = 1.25g/g; (◄) CAT-A at C/O = 2.5g/g; (▼) CAT-A at C/O = 3.75g/g. CAT-A sample

FTIR Pyridine Adsorption (FTIR):
Figure 4.4 reports the pyridine desorption FTIR spectra for CAT-A, for both the free of coke as
well as the coke deactivated catalyst samples.
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Figure 4.4 Pyridine Desorption FTIR Spectra for CAT-A. The CAT-A "Free of Coke" is
Represented by a Solid Line and the CAT-A "Deactivated by Coke “is Represented by a
Dashed Line.
To characterize the acid sites covered by coke, a recommended FTIR spectral range between
1700 and 1350 cm-1 [30,125,127,128] was selected. Within this range, four IR bands of pyridine
adsorption were recorded. From these bands, the 1548 cm-1 and 1445 cm-1 bands were assigned
to Brönsted acid sites (BAS) and Lewis acid sites (LAS), respectively. Furthermore, the 1491
cm-1 peak was considered as a Brönsted and Lewis acid site combined band. Finally, the 1600
cm-1 band was assigned to hydrogen-bonded pyridine [30,125]
On this basis and by examining the 1445 cm-1 and 1548 cm-1 band areas of a “free of coke” and
of a “coked” CAT-A, respectively, one was able to notice a higher Lewis site density (LAS) for
the “free of coke” catalyst, while the Brönsted acid site (BAS) density remained essentially
unchanged.
Table 4.3 reports the relative acid strengths of the Brönsted /Lewis ratios of CAT-A prior to and
after being exposed to a hydrocarbon mixture. This led to a Brönsted/Lewis site density ratio
being increased from 0.30 to 0.38 comparing, with this showing that most of coke was formed
on the weak Lewis acid sites (LAS) instead of on the Brönsted sites (BAS).
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Table 4.3: Relative Brönsted /Lewis Acid Site Ratios using Pyridine FTIR. CAT-A samples
with coke were analyzed following catalytic cracking runs at 550°C and 7 s.

Catalyst Samples

Brönsted /Lewis acid sites

CAT-A [free Coke]

0.30

CAT-A [Coked]

0.38

1,3,5-TIPB Conversion, and Product Selectivity on the Gas
Phase.
Preliminary hydrocarbon catalytic cracking runs were carried out over the catalyst denoted as
CAT-A. All runs were developed in the CREC Riser Simulator at 550oC and contact times of
3, 5, and 7s. In every experiment, 0.2g of 1,3,5-TIPB were contacted with 1g of fluidized
catalyst. Thus, a catalyst/oil ratio of 5 g-cat/g-oil was established.
Data obtained from these experiments was analyzed using the two modes of sampling described
in Section 3.6. These two modes of sampling allowed one to establish the significance of
transport processes in the FCC catalyst (intracrystallite transport influence) [125] using the
CREC Riser Simulator.
Figure 4.5 reports the 1, 3, 5 TIPB conversion using the two modes of sampling: a) with the
vacuum box pressure set at 1.5 psia, b) With the vacuum box pressure set at 13.7 psia.
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Figure 4.5 Reported Effect of the Vacuum Box Pressure on the 1,3,5 TIPB Conversion Using
CAT-A. Notes: Contact times: 3s, 5s & 7s. Temperature: 550 oC. Reported data and standard
deviations (vertical bars) represent average values from 3-5 repeat runs.
One can thus see, that the 1,3,5 TIPB conversion calculated with the entire reactor contents,
using a 1.5 psia vacuum box pressure was significantly higher than the one with the vacuum
box at 13.7 psia. This result means that the 1,3,5 TIPB may have been diffusionally hindered
while being evacuated and that the 1,3,5 TIPB conversion was incorrectly established. Thus,
limiting the vacuum box pressure to 1.5 psia or a Mode 1 of sampling, provides a better
representation of all chemical species present at a particular reaction time.
Figure 4.6 establishes the observed molar fractions for both 1,3,5 TIPB and propylene using the
two modes of sampling. Mode 1 provides the more reliable definition of the chemical species
present in the reactor unit.
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Figure 4.6 Molar Fractions of 1,3,5 TIPB and Propylene in the CREC Riser Simulator for:
(i) Pressure in vacuum box=1.5 psi and (ii) Pressure in vacuum box=14.7 psia. Note:
Reported values represent averages from at least 3 repeats.

On this basis, all the data reported in this PhD Dissertation was established using the Sampling
Mode 1. This was done to be able to adequately assess all chemical species molar fractions at
various reaction times.

Cracking Experiments:
The operation of FCC units calls for a better understanding of the catalyst/oil ratio effects on
unit performance [1]. The likely anticipated results are to achieve the following at higher C/Os:
a) higher 1,3,5 TIPB conversions at set contact times, or alternatively b) close 1,3,5-TIPB
conversions with shorter reaction times. Proving these assumptions is an important goal of the
present PhD dissertation.
Catalytic cracking runs of 1,3,5-TIPB were developed in the CREC Riser Simulator, using a
commercial catalyst (CAT-A). Both, thermal and catalytic runs were conducted under the
following conditions: a) 510, 530 and 550°C temperatures, b) contact times: 3, 5 and 7 seconds,
c) 0.6, 0.8, 1.25, 2.5, 3.75 and 5 catalyst-to-oil ratios (C/O ratio).
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Given that one of the main objectives of the current study, was to clarify the effect of the
catalyst-to-oil ratio (C/O), the TIPB amount fed was kept constant while catalyst loading was
increased. As a result, catalytic cracking experiments were developed by varying the C/O
parameter widely. This was required to validate the proposed coke formation mechanism model
to be discussed in upcoming sections.
To accomplish this, 475 runs were conducted in total. This included thermal and catalytic
cracking runs, with at least 5 repeats per experimental condition. Run repeats ensured
reproducibility and the statistical significance of experimental results.

Thermal Cracking Runs:
Preliminary studies included thermal cracking runs in the CREC Riser Simulator with a reactor
loaded with an inert solid (hydroxyapatite) only. Various reaction times and temperatures were
considered.

1, 3, 5 TIPB conversion (Wt. %)
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1.0
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510 ºC

0.6
0.4
0.2
0.0

3
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Figure 4.7 Influence of Contact Times (3-7s) and Temperatures (510-550 ºC) on 1,3,5-TIPB
Thermal Cracking. Vertical bars represent standard deviations from at least 5 repeat runs.
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One can observe that all thermal conversions were below 2% with ethylene, propylene and coke
being the main products. In this respect, one should emphasize that 7 seconds was the longest
anticipated reaction time and 550°C was the highest predicted temperature. It was on this basis
assumed, that thermal cracking effects on 1,3,5-TIPB catalytic conversion were negligible.
[7,36]

Catalytic Cracking Runs
Effect of Operating Conditions on 1,3,5-TIPB Conversion, Coke
Formation, and Product Selectivity at C/O=2.5
A first series of systematic catalytic runs was developed with the CAT-A loaded in the CREC
Riser Simulator basket, using a set C/O ratio of 2.5. Figure 4.8 reports a progressive increase of
TIPB conversion with an augmentation both in temperature and in reaction time. One should
notice that these results are in line with the ones already reported in the technical literature by
others [30,36,42,79,129] using the CREC Riser Simulator.

1, 3, 5 TIPB Conversion (Wt. %)
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Figure 4.8 Effects of Temperature and Reaction Time on the Conversion of 1,3,5 TIPB on
CAT-A. The C/O was set to 2.5. Reported data and standard deviations (vertical bars)
represent experimental data from at least 5 repeats.
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Moreover, Figure 4.9 describes the changes of qc x100 (percentual coke concentration in g
coke/catalyst x100). Figure 4.8 reports the expected increase of qc with both temperature and
reaction time.
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Figure 4.9 Effects of Temperature and Reaction Time on the Coke Formation while Cracking
1,3,5-TIPB over CAT-A. The C/O was set to 2.5. Reported data and standard deviations
(vertical bars) are from 4-7 repeat runs.

Finally, Figure 4.10 describes the changes of propylene selectivity (moles of propylene formed
/ moles of 1,3,5 TIP converted). One can notice an increase of propylene selectivity with a rise
in temperature, as well as with an increase in reaction time (3-7). This can be assigned to the
more dominant effect of thermal cracking at the higher temperatures.
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Figure 4.10 Influence of Contact Time and Temperature on the Propylene Selectivity-M
during 1, 3, 5-TIPB Conversion using CAT-A. Reported data and standard deviations
(vertical bars) represent average values from 4-7 repeat runs.

In summary, the observed changes of 1,3,5-TIPB conversion, product selectivity, and coke
concentration seen at C/O=2.5 are in line with anticipated trends. These experiments help to
support and validate the results obtained in the CREC Riser Simulator and to demonstrate that
the results of this PhD study are in line with data obtained by others in the CREC Riser
Simulator [79–81,111,130]

Effect of C/O Ratio [g cat g feed -1] in the 0.6 to 5 Range on 1, 3, 5,
TIPB Conversion, Coke Formation, and Product Selectivity.
4.4.2.2.1

1,3,5-TIPB Conversion:

Figures 4.11a, 4.11b and 4.11c report the changes of 1,3,5 TIPB conversion with C/O ratio at
various thermal levels and reactions times.
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Figure 4.11a, 4.11b and 4.11c. Effects of Contact Time, and C/O Ratio on the 1,3,5-TIPB
Conversion using CAT-A at 550 oC for Figure 11(a), 530 oC for Figure 11 (b) and 510 oC for
Figure 11 (c). Contact times: 3s, 5s & 7s. Reported data and standard deviations (vertical
bars) represent average values from at least 5 repeat runs.
One can thus see, that consistently and for 510, 530 and 550 °C and 3, 5 and 7 seconds, higher
C/Os lead to higher 1,3,5-TIPB conversions first, with 1, 3, 5 TIPB conversions stabilizing at
C/Os in the range of 2.5. However, when the 2.5 C/O ratio is surpassed, the 1,3,5-TIPB
conversion is not increased but reduced instead.
In this respect, Figure 4.10a reports 1,3,5-TIPB conversions of 13.3%, 22.7% and 28.8 % at a
C/O ratio of 0.6, a temperature of 550°C and 3s, 5s, and 7s contact times, respectively.
Furthermore, it can also be observed in Figure 4.10a that at the C/O ratio of 2.5, at a temperature
of 550 °C and contact times of 3s, 5s, and 7s, the 1, 3, 5-TIPB conversions reached 19.7, 31.4
and 39.3 %, respectively. Similar trends were observed at 530°C℃ and 510 °C, as illustrated in
Figures 4.10b and 4.10c, with however, at C/O ratios higher than 2.5, a consistent reduction in
1,3,5-TIPB conversions.
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Moreover, Figure 4.11 reports that despite the potential changes in 1,3,5-TIPB and in coke
formation with the C/O ratio, propylene selectivity remains consistently in the 1.7-2.7 range.
This is below the expected stoichiometric value of 3 for complete conversion of the 1,3,5-TIPB
into benzene. One can also notice in Figure 4.12, that the highest propylene selectivity value of
2.7 is attained consistently at the highest C/O ratios.
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Figure 4.12 Effect of Temperature on Propylene Selectivity at various C/O Ratios using CatA. Notes: Contact time: 7s. Reported data and standard deviations (vertical bars) represent
average values from at least 5 repeat runs. Note: Propylene Selectivity-M is defined as the
moles of propylene per mole of TIPB converted.

Furthermore, Figure 4.13 describes the selectivity changes of various dealkylation products as
a function of the 1,3,5- TIPB conversion. This figure shows that by increasing the C/O ratio,
equivalent to the directions shown with arrows, this leads to benzene selectivity augmenting
steadily as a final cracking product.
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Figure 4.13 Changes of Product Selectivity-M with 1,3,5-TIPB Conversion at 550oC and 7s.
Data is reported increasing the C/O ratio as indicated by the arrows: (1) C/O=0.6, (2)
C/O=0.8, (3) C/O=1.25, (4) C/O=2.5, (5) C/O=3.75, and (6) C/O=5. Reported data and
standard deviations (vertical bars) represent average values from at least 5 repeat runs.
Note: The selectivity-M is defined as the moles of a product per mole of TIPB converted.

In addition, Figure 4.14 reports the effect of temperature and C/O ratio on benzene selectivity
for CAT-A at 7s. One can observe the consistent increase of benzene selectivity with increasing
temperature and C/O ratio. This shows the importance of controlling the C/O ratio to keep
benzene content at acceptable low levels. This is given the fact that benzene is a carcinogenic
chemical species that one would like to limit in gasoline as much as possible. Benzene
selectivity augments steadily, with an increasing C/O ratio, which points higher C/O ratios
favouring dealkylation of aromatic species. Therefore, C/Os higher than 2.5, leading to higher
benzene content are not recommended.
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Figure 4.14 Effect of Temperature and C/O Ratio on Benzene Selectivity using a CAT-A at 7s.
Reported data and standard deviations (vertical bars) represent average values from at least
5 repeat runs.

4.4.2.2.2

Coke Formation

Figure 4.15 reports the effect of the C/O ratio and thermal levels on Nc (total moles of coke).
Based on this, one can conclude that the Nc increases with C/O ratio almost linearly, with
temperature level for the run being of less significance.
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Figure 4.15 Changes of Moles of Coke (Nc) with Temperature (510oC, 530oC, 550oC) at
Various C/O Ratios and 7 s Reaction Time. Reported data represent average values from at
least 5 repeat runs. The vertical bars describe standard deviations of repeats.
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Figures 4.16a, 4.16b and 4.16c report a steady and consistent increase in the weight-based coke
selectivity (Coke Selectivity-W) at the higher C/O ratios and reaction times. These increased
C/Os with a set amount of 1,3,5-TIPB and various catalyst amounts enhance coke selectivity.
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Figure 4.16a, :4.17b, 4.16c. Effects of C/O Ratios on Coke Selectivity-W (weight-based coke
selectivity) using a TIPB CAT-A. Operating Conditions: (a) 550ºC, (b) 530ºC, (c) 510ºC.
Reaction time: 3-7s Note: Coke Selectivity-W was determined as grams of of coke/ gr grams
of 1, 3, 5 - TIPB converted
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Thus, it appears that higher catalyst densities in the CREC Riser Simulator favour coke
formation, with this being a consistent trend for all runs developed.
Furthermore, and to be able to better understand coke formation, it is valuable to consider the
changes of the percentual coke-on-catalyst (q-coke) with C/O ratios. Figure 4.17 reports, in this
respect, a moderately increasing coke-on-catalyst at higher C/O ratios. Thus, it appears that
augmenting the catalyst density (grams catalyst per unit reactor volume) in the CREC Riser
Simulator favours higher qc with this being more apparent at 550 °C. It has to be mentioned that
this finding on coke-on-catalyst increasing with C/O was also found for the runs conducted at
530 °C and 510 °C, as reported in Appendix B1and B2, respectively.
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Figure 4.17 Effects of C/O Ratios on Coke Formed, for 1,3,5-TIPB Cracking using a CAT-A.
The temperature was set to 550°C. Reported data represent average values from at least 5
repeat runs.
To summarize, the reported experimental results obtained with CAT-A by changing the C/O
ratio, a critical FCC operating parameter, one can influence the 1,3,5-TIPB catalytic conversion,
as well as propylene, DIPB, IPB and benzene and coke selectivities. As well, one can observe
that the highest recorded coke-on-catalyst values were found at the highest C/Os and reaction
times.
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Conclusions
a)

It is shown that 1,3,5-TIPB cracking in a CREC Riser Simulator provides critical
information to establish riser/downer performance. This is achieved by changing the C/O
ratio (0.6 to 5), the temperature (510-550 oC) and the reaction time (3-7s).

b)

It is observed that the dominant cracking products detected were propylene, benzene,
Cumene, 1,3-DIPB and coke. It was also noticed that C/O ratios higher than 2.5 led to
undesirable high benzene content.

c)

It is demonstrated that the 1,3,5-TIPB conversion displays a maximum value at a C/O
ratio of 2.5, decreasing progressively at higher C/O ratios. This trend was consistently
observed at various temperatures and reaction times.

d)

It is observed that coke-on-catalyst selectivity steadily increases as C/O ratios increase.
These findings are in agreement with the physicochemical changes observed in catalyst
acidity, specific surface area, macro and micropore pore volume.
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Chapter 5
Catalytic Cracking of 1,3,5 TIPB Chemical Species using CATA, CAT-B, and CAT-C
Introduction:
This chapter is a follow-up to Chapter 4. Given the originality of the reported results in Chapter
4, regarding the effect of the C/O ratio on catalytic cracking activity and catalyst deactivation,
it was decided to consider this effect using two additional catalysts designated as CAT-B and
CAT-C.
Thus, the aim of this chapter is to reconsider the C/O effect in a much broader context, using
other catalysts than CAT-A, with these catalysts displaying different activities and acidities.
The two additional selected catalysts were characterized as well in terms of crystallinity, total
acidity, specific surface area, and temperature-programmed ammonia desorption.
One should notice that various results for CAT-A, in terms of catalyst characterization as well
as of catalytic cracking are frequently reported in this chapter again as a basis for comparison.

Catalyst Characterization:
X- Ray Diffraction:
Powder X-Ray Diffraction (XRD) patterns of the catalysts were obtained by Ni-filtered Cu Kα
radiation (λ= 0.15406 nm). XRD diffractometry was used in the 5o to 90o, 2θ scale. The
crystallinity and unit cell size per catalyst were determined by following the ASTM D-3906-85
method. High purity of silicon powder (99%) was used as a calibration standard. Table 5.1
reports both the relative crystallinity and unit cell size observed for the three catalysts used in
this PhD Dissertation.
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Table 5.1: Properties of the Studied Catalysts
Samples

Particle

Unit cell size (Ao)

Crystallinity

SiO2/Al2O3(mol/mol)
CAT- A

0.86

24.30

0.094

CAT- B

0.72

24.30

0.077

CAT- C

0.92

24.29

0.078

XRD was used to identify and determine the Y zeolite crystal structure, involving zeolite unit
cell size and crystallinity. An example of XRD diffractograms is reported in Figure 5.1 for
Catalyst B. XRD for CAT-A sample was already reported in Chapter 4, while for CAT-C is
given in Appendix C1.
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Figure 5.1: XRD Diffractograms for a CAT-B Sample of the Present Study Mixed with pure
Silicon. Characteristic bands for silicon are shown at 28, 47 and 56 degrees in the 2 𝜽𝜽 scale.
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Calculation of the Unit Cell Size (UCS)
XRD allows one to establish the unit cell size following the ASTM method ASTM. D-3942.85 as
well as to determine the relative crystallinity. The XRD calculation procedures consistently applied
to CAT-A, CAT-B and CAT-C were as follows:

I.
II.

1 gram of solid catalyst sample was placed in a drying oven at 110o C for 1hr.
This 1-gram dried sample was blended with about 0.05g of silicon in mortar and was
grounded until it was intimately mixed.

III.

Following this, the mixed sample was placed in the hydrator for 16 hrs. The hydrator
was packed in the diffractometer mount.

IV.

Finally, the X-ray diffraction was determined in the range of 5o to 90o, 2θ scale.

The peaks considered for the XRD calculation were located in the range of d- spacing values of
about 3.7, 3.2, 2.8 as shown in the Figure 5.1.
The formula used in the calculation of the unit cell size was as follows:
𝑎𝑎 = [(𝑑𝑑ℎ𝑘𝑘𝑘𝑘 )2 ∗ (ℎ2 + 𝑘𝑘 2 + 𝑙𝑙 2 )]1/2

(5.1)

Where a = unit cell size A

𝑑𝑑ℎ𝑘𝑘𝑘𝑘 = distance between reflecting planes

ℎ2 + 𝑘𝑘 2 + 𝑙𝑙 2 = respective zeolite reflections

NH3-TPD (Temperature Programmed Desorption)
NH3-TPD spectra were determined for CAT-A, CAT-B and CAT-C. Figure 5.2 reports the NH3TPD for the CAT-B sample. Figure 5.2 reports that increasing the C/O ratio leads to a consistent
reduction of total acidity, pointing towards a progressive catalyst deactivation [34]. The NH3TPD for the CAT-A sample was already reported in Chapter 4, while NH3-TPD for CAT-C is
given in Appendix C3.
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Figure 5.2 NH3-TPD Analyses for CAT-B. Notes: Continuous black line: FCC catalyst free of
coke; continuous red line: C/O= 1.25; continuous blue line: C/O=2.5; continuous violet line:
C/O=3.75; continuous green line: C/O=5; continuous blue line: experiment baseline. Samples
with coke were analyzed following catalytic cracking runs at 550°C and 7 s.

Table 5.2 reports that CAT-A displays the highest acidity as measured by ammonia TPD at free
of coke conditions: 3.37 cm3 NH3 STP/g in comparison with 1.73 cm3 NH3 STP/g and 1.47 cm3
NH3 STP/g for CAT-B and CAT-C, respectively. Thus, and on this basis, one can anticipate
similar trends in the 1,3,5-TIPB conversion and in coke formation.
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Table 5.2: NH3-TPD for CAT- A, CAT- B and CAT- C Catalyst Samples
CAT. A

CAT. B

CAT. C

NH3 uptake

NH3 uptake

NH3 uptake

(cm3 STP/g)

(cm3 STP/g)

(cm3 STP/g)

Free of Coke

3.36

1.73

1.47

Catoil=1.25

2.48

1.24

1.14

Catoil=2.5

2.31

1.24

1.13

Catoil=3.75

2.24

1.04

0.94

Catoil=5

2.23

0.95

0.84

Samples

Table 5.2 also shows a consistent behavior for the three catalysts, with higher C/Os leading to
a steady reduction in acidity as shown by NH3-TPD. These findings are in line with a
progressive reduction of catalyst acidity with increased coke deposition, as will be later reported
in the upcoming sections.

Pyridine-FTIR:
The FTIR analysis of chemisorbed pyridine was used to assess both Brönsted and Lewis
acidities for the catalysts studied, under free of coke conditions. Figure 5.3 displays the pyridine
FTIR for CAT-A, CAT-B, and CAT-C, with the characteristic Brönsted and Lewis acid site
peaks identified at 1445cm-1 and 1545cm-1 wavenumbers. On this basis, Brönsted/Lewis acid
strength ratios were calculated, with Table 5.3 showing that CAT-C displays the highest ratio
followed by CAT-B and CAT-A.
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Figure 5.3: FTIR Spectra Shows IR Band Peaks for the Catalysts A, B and C studied. The
black solid line represents pyridine adsorbed on CAT- A; the red solid line denotes pyridine
adsorbed on Cat-B; the blue solid line shows the pyridine adsorbed on CAT-C.

Table 5.3 Brönsted /Lewis Acid Site Ratios using Pyridine FTIR
Sample Catalyst

Brönsted/Lewis Acid Sites
Ratio

CAT-A

0.298

CAT-B

0.334

CAT-C

0.321

N2 Adsorption-Desorption Isotherms
Figure 5.4 reports the N2 adsorption desorption isotherms for CAT-B at various C/O ratios (0.8,
1.25, 2.5, 3.75, 5) and compares them with those of the free of coke catalyst. N2 adsorption
desorption isotherms for CAT-A were already reported in Chapter 4, while the N2 adsorption
isotherms for CAT-C are given in Appendix C4.1. One can then see, that there is a significant
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isotherm shape change with increased C/O ratios. This is consistent with an increased coke
amount, as will be reported later in this manuscript.

Quantity adsorbed (cm3/g STP)

120

CAT-B

100
Free Coke

80

Catoil 0.8
catoil 1.25

60

catoil 2.5
Catoil 3.75

40

Catoil 5

20

0

0.0

0.2

0.4

0.6

Relative pressure (P/Po)

0.8

1.0

Figure 5.4 BET-Nitrogen Adsorption Plot. N2 Adsorption-Desorption Isotherms Obtained
from Different Samples of CAT-B after a Run at 550°C and 7 s Contact Time.

Table 5.4 summarizes the specific surface areas of CAT-A, CAT-B and CAT-C, which were
established using the BET method. Table 5.4 also gives the total pore volumes showing the
differences between mesopores and micropores.
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Table 5.4: Specific Surface Areas and Pore Volumes of the Free of Coke Catalysts.
CAT- A

CAT- B

CAT- C

BET (SSA)

99.6

118.5

102

Pore Volume (PV)

0.158

0.196

0.140

0.112

0.142

0.0916

0.0468

0.0540

0.0491

(cm3/g)
Mesopores
Volume (cm3/g)
Micropores
Volume(cm /g)
3

Figure 5.5 and Table 5.5 also show the influence of the C/O ratio on the micropores of CAT-B.
Similar results were already reported in Chapter 4. For CAT-C, results are given in Appendix
C4.2. One can thus see, that the catalyst micropore volume after every run is reduced, with this

Incremental pore volume (Dv/Dd)

being more pronounced at the higher C/O ratios.
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Figure 5.5: Differential Pore Volume (dV/dD) as a Function of the Pore Diameter (D) Using
the N2-Adsorption Isotherms. (■) CAT-B free of coke; (●) CAT-B at C/O = 0.6g/g; (▲) CATB at C/O = 0.8g/g; (▼) CAT-B at C/O = 1.25g/g; (♦) CAT-B at C/O = 2.5g/g ; (◄) CAT-B at
C/O = 3.75g/g.. All samples were analyzed following catalytic cracking runs at 550°C and 7
s.
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Table 5.5: Specific Surface Areas [SSA] (m2/g) and Pore Volumes [PV] (cm3/g) for CAT-B.
Mesopore Volumes (cm3/g) for CAT-B were determined following catalytic cracking runs at
550°C and 7 s, using different C/O ratios. SD on repeats: +/- 3 m2/g.

CAT- B Catalyst Samples
BET (SSA)
Pore Volume (PV)

Free Coke

C/O= 0.6

C/O=0.8

C/O=1.25

C/O=2.5

C/O=3.75

102

93.37

91.88

89.18

88.92

81.56

0.140

0.129

0.137

0.121

0.122

0.120

0.0916

0.0864

0.0936

0.0785

0.0795

0.0815

0.0491

0.0435

0.0439

0.0430

0.0425

0.0390

cm3/g
MesoporesMacropores Volume,
cm3/g
Micropores Volume
cm3/g

Based on the above observations, the following conclusions for the CAT-A, the CAT-B and the
CAT-C catalysts of this study were reached:

a)

FCC catalysts when being used together with cracking products, form coke. Coke alters

both the structure and physicochemical properties of the catalyst, particularly the specific
surface area, the micropore volume and the acidity. Thus, catalyst regeneration with air is
needed for the FCC catalysts to regain catalytic activity.

b)

However, changes of the catalyst structural and physicochemical properties (specific

surface area, micropore volume, acidity) are increased at higher C/O ratios. This is given the
fact that higher C/O ratios lead to higher amounts of coke deposited, as is shown in the
upcoming sections of this manuscript.
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Catalytic Cracking Runs:
In this section of study, a total of 146 catalytic runs are reported including at least 5 repeats. All
these runs were conducted in the CREC Riser Simulator including at least 5 repeats per run.
This allowed establishing conversions and selectivities with their required statistical indicators
(e.g. standard deviations). Furthermore, and based on the detected propylene, DIPB, cumene,
and benzene product species and their changes with reaction time, a series-parallel network was
established as is described later in Section 5.4.

Effect of Catalyst to Oil Ratio (Catoil C/O ratio) [g cat g feed -1] on Feed
Conversion, Coke selectivity, Species distribution.
Given the value of the results reported using CAT-A in Chapter 4, regarding the influence of
the C/O ratios, or the equivalent of the apparent catalyst bed density (mass of catalyst per unit
reactor volume), two additional catalysts (CAT B and CAT C) were studied. In every run, the
1, 3, 5 TIPB conversion, the coke formed, and the selectivities of various product chemical
species were determined. With this end, runs were developed using set amounts of 0.2g of
feedstock, while changing the catalyst load from 0.12g to 1g. Furthermore, the catalyst to oil
ratio “C/O” employed was set to 0.6, 0.8, 1.25, 2.5, 3.75 and 5, during the runs.
Figures 5.6, 5.7, and 5.8 report the changes in 1,3,5-TIPB conversion, product selectivity and
coke content using CAT-A, CAT-B and CAT-C catalysts at various C/Os. In particular, Figure
5.6 shows a comparison of 1,3,5-TIPB conversions between CAT-A, CAT-B and CAT-C
catalysts at various C/O ratios. It is apparent that CAT-A, with higher acidity and crystallinity,
showed the highest 1,3,5-TIPB conversions. CAT-B and CAT-C on the other hand, displayed
comparable lower levels of 1,3,5-TIPB conversions. These differences in catalytic activity are
consistent with differences of crystallinity, total acidity as well as density of stronger acid sites
as reported in Sections 5.2.1, 5.2.3, and 5.2.4.
In spite of these differences and as shown in Figure 5.6, a common trend emerges when the
changes in the 1,3,5-TIPB conversions with C/O ratios are examined. The 1,3,5-TIPB
conversion increases first at a range of 0.6-1.25 C/Os, leveling off at the 2.5 intermediate C/O
and decreasing later at the higher range of 3.75-5 C/O values.
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Figure 5.6 Changes of the 1,3,5-TIPB Conversion with the C/O Ratio in the CREC Riser
Simulator for CAT-A, CAT-B, and CAT-C. Note: Reaction time: 7 s, Temperature: 550oC.
Reported data and standard deviations (vertical bars) represent average values from at least
5
In order to be able to explain this behaviour, one should consider coke formation at various
conditions, including C/O changes as will be reported in the subsequent section.

Coke Selectivity
Figure 5.7 reports a comparison of coke selectivities (g coke/ g of 1,3,5-TIPB converted) for
the three catalyst (CAT-A, CAT-B and CAT-C) at various C/O ratios. Figure 5.7 shows how
coke selectivity augments steadily with C/O ratio, with this being true in all cases and for the
three catalyst samples. One can thus see, a significant contrast of coke formation increases with
C/O ratios versus the 1,3,5-TIPB conversion tendencies with C/O reported in Figure 5.6.
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Figure 5.7 Effect of C/O on Coke Selectivity Using 1,3,5-TIPB and Cat-A, Cat-B & Cat-C
Operating Conditions: 550 oC and 7s. Reported data and standard deviations (vertical bars)
represent average values from at 5-7 repeat runs.

Thus, and to be able to explain these consistent trends applicable to the three catalysts studied,
one can claim a reaction mechanism as analysed in upcoming section 5.4 (Fig. 5.10, and 5.11).
Increases in C/Os leads to higher catalyst densities and as a result, an increased interaction of
particles with adsorbed hydrocarbon species. It is thus, speculated that higher C/Os provide
increased opportunities for bimolecular condensation reactions and as a result, enhanced coke
formation [115,134].

Product Selectivity:
Given the value of establishing the influence of C/O ratios on FCC, one should also consider
their effect on product selectivity. Figure 5.8 reports the changes of product selectivity for the
main cracking products. In this figure, product selectivity is quantified as a function of 1,3,5TIPB conversion and C/O using CAT-B at 550 ºC and 7s. Furthermore, the increasing C/O
ratios in successive runs (range of 0.6 to 5), are represented with the “arrow” directions.
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Figure 5.8 Effect of C/O on the Product Selectivity Using 1,3,5-TIPB and CAT-B. The
temperature and contact time were kept constant at 550oC and 7s, respectively. Notes: a) The
direction of the “arrows” represent increasing C/O ratios, b) Reported data and standard
deviations (vertical bars) represent average values from at least 4-7 repeat runs.

Thus, Figure 5.8 shows, that 1,3-Di-isopropyl-benzene, cumene and benzene selectivities,
always

consistently increase with C/O ratio. In contrast, propylene remains at essentially

constant levels. Thus, aromatic product species display a consistent maximum at the highest
C/O of 5. This trend is especially noticeable for benzene, which is a non-desirable terminal
catalytic cracking product. In this respect, one can see that product selectivity for the CAT-B
catalyst, is consistent with data reported in Chapter 4 for CAT-A, and in agreement with data
reported in Appendix D1 for CAT-C.

Coke Formation Mechanism:
In order to provide a comprehensive understanding of the coke formation mechanism, it is
valuable to consider each one of the cracking hydrocarbon species as shown in Figure 5.9. One
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can note in this respect, that after 7 seconds, there is a modest gain in the TIPB conversion with
the formation of various product species remaining essentially unchanged.
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Figure 5.9 Changes of Species Mass Fractions for CAT-A. Note: Contact times are 3s, 5s &
7s; temperature: 550 oC; the C/O: 2.5. The reported data and standard deviations (vertical
bars) represent average values from at least 5 repeat runs.

Therefore, and on this basis, one can consider a reaction mechanism as outlined in Figure 5.10.
The catalytic conversion of 1,3,5-TIPB encompasses a number of dealkylation steps, involving
chemical and radical adsorbed species.

Figure 5.10 Schematic Description of the Catalytic 1, 3, 5 TIPB Conversion Showing the
Hypothesized Cracking Steps.
Notes: a) Sites Type 1 are sites located in the same particle, b) Sites 1 and 2 are sites placed
in different particles.
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Thus, one can postulate as in Figure 5.10, that the catalytic cracking of 1,3,5-TIPB leads to the
progressive removal of propyl radicals as follows: a) Step 1: involves the removal of a first
propyl radical, b) Step 2: encompasses the abstraction of a second propyl, and c) Step 3: includes
the removal of the last propyl radical left in the aromatic ring. Therefore, one can see that every
elementary reaction step also leads to the formation of an aromatic radical. Aromatic radicals
may however, be stabilized via catalyst H-transfer forming DIPB, cumene and benzene with the
potential of evolving later in the gas phase. As well, aromatic radicals may alternatively
condense with other aromatic radicals on the catalyst surface forming coke.
Therefore, while the 1,3,5-TIPB catalytic cracking is a single site driven reaction with the rate
of change being proportional to the catalyst density, coke formation involves instead, at least
two catalyst sites located in either the same or a close but different particle. Thus, a higher C/O
proportionally increases coke formation, with being the case when the 2.5 C/O is surpassed.
As a result, the catalytic cracking of 1,3,5-TIPB with higher C/Os or higher catalyst densities in
the CREC Riser Simulator, consistently displays the following, as shown for three FCC
catalysts:
o It leads to higher coke selectivities,
o It promotes the formation of undesirable final cracking products such as benzene,

o It yields 1,3,5-TIPB conversions that increase first and later decrease at the higher
C/Os.

Based on these observations, one is capable of setting an optimum C/O ratio for FCC unit
operation.
As a result, and given these findings, coke formation can be viewed as shown in Figure 5.11, as
a bimolecular reaction involving adsorbed coke precursor species in adjacent S1 and S2 sites.
These sites can however, be located either in the same particle or in close particles.
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Figure 5.11: Schematic Representation of Coke Formation. Case (a) Coke is formed as a
condensed species from two adsorbed coke precursors located in the sample particle. Case (b)
Coke is formed as a condensed species from two adsorbed coke precursors located in two
adjacent particles.

On this basis, and as per the proposed coke formation mechanism described in Chapter 6, coke
formation in the CREC Riser Simulator can be envisioned as a combination of two events:
I.

Case (a) or 1-1 Sites as in Figure 5.11. This is the dominant coke formation step at low C/O
ratios or the equivalent low catalyst densities (C/O < 2.5). This case represents coke
formation occurring as condensed species through two adsorbed coke precursors located in
the same particle.

II.

Case (b) or Sites 1-2 as in Figure 5.11. This becomes a significant coke formation effect at
higher C/O ratios or at the equivalent higher catalyst densities (C/O>2.5). This case
describes that coke is formed as condensed species through two adsorbed coke precursors
located in two adjacent particles.
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One should note that this coke formation mechanism leads to increased coke selectivity at higher
C/O ratios as reported consistently in the Figures 4.15a, 4.15b, 4.15c and 5.7. This proposed
coke formation mechanism is consistent with the view that higher amounts of catalyst (elevated
C/O values) or the equivalent higher catalyst densities in the CREC Riser Simulator not only
promote the cracking of hydrocarbon species, but also increase the interaction of adsorbed
species with adjacent particles. In this respect, the 1,3,5-TIPB conversion and coke yields results
reported here are also supported by the significantly reduced acidity and diminished micropore
volume at higher C/O s (refer to Section 5.2.2 and 5.2.4).
Thus, and based on the results obtained, one should consider the operation of an FCC unit, as
requiring the optimization of C/O ratios. This is equivalent to a careful selection of both catalyst
mass flow and hydrocarbon mass flow in large-scale risers or downers. This optimum C/O ratio
should be considered to achieve maximum feedstock 1,3,5 -TIPB conversion, controlled cokeon-catalyst and low benzene yields.
To summarize and based on these findings, coke formation in the CREC Riser Simulator
becomes the additive contribution of two events. It involves sites in close particles versus those
in the same particle.

Conclusions
e)

It is shown that 1,3,5-TIPB catalytic cracking displays common activity trends at
increasing C/O ratios. This is shown using three based Y-zeolite catalysts (CAT-A,
CAT-B and CAT-C) with different acidities and crystallinities.

f)

It is proven that the 1,3,5-TIPB catalytic cracking for these three catalysts show
consistently a maximum 1,3,5-TIPB conversions at C/O ratios of 2.5.

g)

It is observed that 1,3,5-TIPB cracking product selectivities show the highest coke and
undesirable benzene selectivity at the highest studied C/O of 5.
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h)

It is thus anticipated that catalyst density, a main parameter in the setting of the C/O
ratio, plays a critical role in achieving the highest 1,3,5-TIPB conversions. This
phenomenon is of significant importance for the operation of scaled FCC units.

i)

It is shown that a coke formation mechanism involving two coke precursors adsorbed
species both on the same particle sites and on two adjacent particles sites can be justified.
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Chapter 6
Kinetic Modeling of 1,3,5 TIPB over E-CAT base Y-Zeolite
Catalysts.
Introduction:
This chapter covers both 1,3,5-TIPB conversion, various intermediate chemical species and
coke kinetics for the CAT-A catalyst. The first section of this chapter considers a postulated
1,3,5 TIPB mechanism reaction network and the associated kinetics, with various model
assumption being justified as applicable the CREC Riser Simulator. Furthermore, and to be able
to analyze the proposed kinetics, catalytic runs developed with CAT-A were considered. These
runs included variation of reaction conditions as follows: a) temperatures: 510, 530 and 550°C,
b) contact times: 3, 5 and 7 seconds, c) catalyst-to-oil ratios (C/O ratio): 0.6, 0.8, 1.25, 2.5, 3.75
and 5.
Following this, two stages of model simulation were considered solving via non-linear
regression the model differential equation, involving 5 and 5 independent intrinsic kinetic
parameters and activation energies, respectively. These various kinetic parameters were
estimated through within a 95% confidence interval and small cross correlation coefficients. To
complete this analysis the adequacy of the estimated kinetic parameters was confirmed using
45 degrees parity plots.

Mechanistic of 1,3,5 TIPB Cracking Conversion and Coke
formation:
Catalytic cracking of hydrocarbon species such is the case of catalytic cracking of 1,3,5-TIPB
involves coke formation. Coke having noticeable effects on the physical and chemical catalyst
properties. In particular, the C/O ratio have a specific influence of coke formation and catalyst
decay as described in the Chapter 4 and Chapter 5 of this dissertation. Thus, C/O shall be also
accounted in catalyst deactivation.
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Given a mechanistic based model for the 1,3,5-TIPB catalytic conversion has to be based on
experimental observations, as per of the results reported in CHAPTER 4 and 5 the following
can be considered:
a) Issue 1: 1,3,5-TIPB Conversion. The 1,3,5-TIPB conversion increases with C/O ratio until
a maximum value at 2.5 C/O ratio is reached. Then it decreases progressively. This is an
unexpected result given that when C/O augments (more catalyst is added per unit volume)
one would assume in principle, a smooth and always increasing 1,3,5-TIPB conversion.
b) Issue 2: Propylene Selectivity. Propylene selectivity is consistently below the maximum
stoichiometric value of 3. One can notice that propylene selectivity increases first and
stabilizes later. This is an unanticipated result as well. One would expect a propylene
selectivity steadily increasing towards the value 3 with higher C/O ratios, given the larger
catalyst density at higher C/O ratios.
c) Issue 3: Coke Formation and Coke selectivity. The amount of coke formed increases with
C/O ratio even at C/O values higher than 2.5. This in sharp contrast with a declining 1,3,5TIPB conversion under these conditions.
On the basis of the above described results one can consider the catalytic cracking of 1,3,5-TIPB as
a series-parallel reaction network as outlined in Figure 6.1.

Figure 6.1 shows that the catalytic conversion of 1,3,5-TIPB encompasses a number of
dealkylation steps, involving chemical and radical adsorbed
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In this respect, Figure 6.1 describes a TIPB cracking reaction network with 1,3,5-TIPB first
forming DIPB and propylene. Following this, the DIPB may be further converted, yielding
IPB\cumene and propylene. Finally, the cumene can be further converted, producing benzene
and propylene. Together with this, and while various aromatic chemical species are formed,
both aromatic and olefin radicals may concurrently contribute to coke formation.
In order to establish a thorough understanding of the reaction network, in addition to the 1,3,5TIPB conversion, it is of paramount importance to consider the 1,3-DIPB, cumene, benzene,
propylene and coke selectivities at various C/O ratios as described in the former CHAPTER 4
and CHAPTER 5.
Thus, and on this basis, one can consider the 1,3,5 -TIPB catalytic cracking as a single site
driven reaction with the rate of change being proportional to catalyst density. On the other hand,
coke formation involves instead, at least two catalyst sites located in either the same or a close
but different particle. Thus, a higher C/O proportionally increases coke formation, and this is
the case when a given C/O (e.g. C/O=2.5) value is surpassed.
As a result, the catalytic cracking of 1, 3, 5 TIPB at higher C/Os or higher catalyst densities in
the CREC Riser Simulator, consistently displays as shown for three FCC catalysts, the
following:
a) It leads to higher coke selectivities,
b) It promotes the formation of undesirable final cracking products such as benzene,
c) It yields 1, 3, 5-TIPB conversions increasing first and later decreasing at the higher C/Os.
Thus, coke formation can be viewed as shown in Figure 6.2, as a bimolecular reaction involving
adsorbed coke precursor species in adjacent S1 and S2 sites. These sites can however, be located
either in the same particle or in close particles.
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Figure 6.2: Schematic Representation of Coke Formation. Case (a) Coke is formed as a
condensed species from two adsorbed coke precursors located in the sample particle. Case (b)
Coke is formed as a condensed species from two adsorbed coke precursors located in two
adsorbed coke precursors located in two adjacent particles.

Thus, and to address these three critical issues, a new kinetic model has to be postulated. In this
new kinetic model, a role has to be assigned to incremental of coke selectivity via incremental
particle density.
It is interesting to note that coke selectivity role passed unnoticed, as far as we are aware of in
previous studies in the technical literature. It is in fact, thanks to the ability of the CREC Riser
Simulator allowing changes of the amount of catalyst at a set feedstock partial pressure,
equivalent to C/O ratio changes, this critical reaction-engineering phenomenon is unveiled.
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On this basis, coke formation in the CREC Riser Simulator becomes the additive contribution
of two events:
𝑟𝑟𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 = ∑𝑛𝑛1 𝑘𝑘11 𝜃𝜃𝑖𝑖1 𝜃𝜃𝑗𝑗1 + ∑𝑛𝑛1 𝑘𝑘12 𝜃𝜃𝑖𝑖1 𝜃𝜃𝑗𝑗2

(6.1)

with k11 being the kinetic constant for coke formation from sites in the same particle and k12
being the kinetic constant for coke formation from sites in close particles.
As a result,
𝑑𝑑𝑁𝑁𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐
𝑑𝑑𝑑𝑑

(6.2)

= 𝑟𝑟𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐,𝑠𝑠𝑠𝑠 (1 + 𝛾𝛾)𝑊𝑊

with 𝑟𝑟𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐,𝑠𝑠𝑠𝑠 representing the coke formation rate in single particles. γ =

∑𝑛𝑛
1 𝑘𝑘12 𝜃𝜃𝑖𝑖1 𝜃𝜃𝑗𝑗2
∑𝑛𝑛
1 𝑘𝑘11 𝜃𝜃𝑖𝑖1 𝜃𝜃𝑗𝑗1

describe

the relative role of coke formation involving sites in close particles versus those in the same
particle. The γ parameter is hypothesized to be a function of the total weight of catalyst W or
the equivalent catalyst density.
Thus, the rate of coke-on-catalyst can be expressed as:
𝑑𝑑𝑞𝑞𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐
𝑑𝑑𝑑𝑑

(6.3)

= 𝑟𝑟𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐,𝑠𝑠𝑠𝑠 (1 + 𝛾𝛾)𝑀𝑀𝑀𝑀𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐

and the total coke-on-catalyst formed as:
𝑡𝑡

(6.4)

𝑞𝑞𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 = ((1 + 𝛾𝛾) 𝑀𝑀𝑀𝑀𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 ∫0 𝑟𝑟𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐,𝑠𝑠𝑠𝑠 dt
with qc representing the cumulative coke-on-catalyst at a given total reaction time.

As a result, coke formation as per eqs (6.3) and (6.4), can be considered the combined addition
of:
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a) Case (a) or 1-1 Sites as in Figure 6.2. This is the dominant coke formation step at low C/O
ratios or the equivalent low catalyst densities (C/O < 2.5).
b) Case (b) or Sites 1-2 as in Figure 6.2. This becomes a significant coke formation effect at
higher C/O ratios or at the equivalent higher catalyst densities (C/O>2.5).
Thus, coke formation can be viewed as shown in Figure 6.2, as a bimolecular reaction involving
two adsorbed coke precursor species in adjacent S1 and S2 sites. These two sites can however,
be located either in the same particle or in two close particles.
One should notice that the proposed coke formation kinetics is consistent with the view that at
higher amounts of catalyst (elevated C/O values) or the equivalent higher catalyst density in the
CREC Riser Simulator not only favor cracking of hydrocarbon species, but the interaction as
well of coke precursor adsorbed species in close particles.
Given these findings, one should consider that the operation of an FCC unit, requires
optimization of C/O ratios. This is equivalent to a careful selection of both catalyst mass flow
and hydrocarbon mass flow in large-scale risers or downers. This optimum C/O ratio should be
considered to achieve maximum feedstock conversion and both controlled coke-on-catalyst and
gasoline benzene content.
One can note that this combined mechanism leads to increased coke selectivity at higher C/O
ratios and this as reported consistently in CHAPTER 4 and 5 (refer to figure (4.15a-4.15c, and
5.7), the kinetic model of 1,3,5 TIPB over E-CAT base Y-Zeolite catalyst was established. This
kinetic model was classified into two models a) model I, and Model II. As shown in upcoming
section.

Kinetic Development- Model-I
Kinetic Model Assumptions
A new kinetics of 1,3,5-TIPB in the CREC Riser Simulator is proposed in the present PhD
Dissertation based on the following assumptions:
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a) An ideal batch reactor model can be considered for the mini-fluidized bed in the CREC
Riser Simulator. This is considered appropriate given the intense gas phase mixing and the
expected fluidized conditions in the CREC Riser Simulator unit,
b) Chemical changes of both 1,3,5-TIPB are hypothesized to be a contribution of catalytic
cracking. The same assumption is adopted for the other species such as propylene and coke.
c) Chemical changes in the 70 micron fluidizable particles are postulated, in principle, to be
controlled by intrinsic chemical kinetics with both external and internal diffusional transport
resistance being negligible.
d) The ideal gas law applies to the various reactant and product species given total pressures
are slightly above atmospheric.

Results Discussion - Model-I
System of Ordinary Differential Equations
A kinetic model can be developed based on chemical ordinary differential equations, using the
rate of chemical reaction for every identified reaction step. In the present study, hydrocarbon
catalytic cracking is developed in a mini-fluidized CREC Riser Simulator design. The CREC
Riser Simulator operates as an ideal batch reactor model, with intense gas phase recirculation
and gas-solid mixing, with catalyst particles being fluidized [103]. Under these conditions, and
based on all of the above-mentioned steps and assumptions, the rate of consumption of 1,3,5TIPB can be postulated as:

−

𝑑𝑑𝑁𝑁𝑖𝑖
𝑑𝑑𝑑𝑑

= η𝑖𝑖 (– 𝑟𝑟𝑖𝑖 )𝑊𝑊 Or alternatively

𝑑𝑑𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑

= η𝑖𝑖

(𝑟𝑟𝑖𝑖 )𝑊𝑊
𝑉𝑉𝑅𝑅

(6.5)

with Ni representing the moles of “i” species, η𝑖𝑖 being the effectiveness factor for species “i”,
𝑟𝑟𝑖𝑖 is the reaction rate of i, 𝑉𝑉𝑅𝑅 is the Riser Simulator volume (cm3), W is the weight of the catalyst

loaded in the reactor basket (g), Ci is the concentration of i (mol/cm3), and t is time (s).
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Furthermore, adsorption/ desorption processes for various species can be assumed at adsorption
equilibrium with the following equation:

𝜃𝜃𝑖𝑖 =

𝐾𝐾𝑖𝑖 𝐶𝐶𝑖𝑖

(6.6)

1+∑ 𝐾𝐾𝑖𝑖 𝐶𝐶𝑖𝑖

where i represents each one of the adsorbed hydrocarbon species and 𝜃𝜃𝑖𝑖 is the fraction of “i”

species occupied sites.

Given the above considerations, 1,3,5-TIPB catalytic cracking kinetics can be described based
on the following:
a) Cracking reactions involving single sites (S1 or S2) with this leading to 𝑟𝑟𝑖𝑖= ∑𝑛𝑛1 𝑘𝑘𝑗𝑗 𝜃𝜃𝑗𝑗 −
∑𝑚𝑚
1 𝑘𝑘𝑖𝑖 𝜃𝜃𝑖𝑖 surface reaction kinetics.

b) Cracking of 1,3,5-TIPB is affected by intracrystallite diffusional limitations (η<1) with
the η for all the other species (DIPB, IPB and benzene) being close to 1.
c) ∑ 𝐾𝐾𝑖𝑖 𝐶𝐶𝑖𝑖 in eqs (6.6) is smaller than 1.

Thus, and based on Figure 6.1, changes of various chemical species can be described as:


For 1,3,5-TIPB or A species:
TIBP → Products (gas phase species and coke)
𝑑𝑑𝐶𝐶𝐴𝐴
𝑑𝑑𝑑𝑑



(6.7)

For 1,3-DIPB or B species:
𝑑𝑑𝐶𝐶𝐵𝐵
𝑑𝑑𝑑𝑑



= −(η𝐴𝐴 (𝑘𝑘1 + 𝑘𝑘4 ) 𝐾𝐾𝐴𝐴 𝐶𝐶𝐴𝐴 )𝑊𝑊/𝑉𝑉𝑅𝑅

= (η𝐴𝐴 𝑘𝑘1 𝐾𝐾𝐴𝐴 𝐶𝐶𝐴𝐴 − (𝑘𝑘2 + 𝑘𝑘5 ) 𝐾𝐾𝐵𝐵 𝐶𝐶𝐵𝐵 )𝑊𝑊/𝑉𝑉𝑅𝑅

(6.8)

For IPB or C species:
𝑑𝑑𝐶𝐶𝐶𝐶
𝑑𝑑𝑑𝑑

(6.9)

= (𝑘𝑘2 𝐾𝐾𝐵𝐵 𝐶𝐶𝐵𝐵 − (𝑘𝑘3 + 𝑘𝑘6 )𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 )𝑊𝑊/𝑉𝑉𝑅𝑅
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For Benzene or D species:
𝑑𝑑𝐶𝐶𝐷𝐷
𝑑𝑑𝑑𝑑



(6.10)

= (𝑘𝑘3 𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 )𝑊𝑊/𝑉𝑉𝑅𝑅

For Propylene or E species:
𝑑𝑑𝐶𝐶𝐸𝐸
𝑑𝑑𝑑𝑑

= (η𝐴𝐴 𝑘𝑘1 𝐾𝐾𝐴𝐴 𝐶𝐶𝐴𝐴 + 𝑘𝑘2 𝐾𝐾𝐵𝐵 𝐶𝐶𝐵𝐵 + 𝑘𝑘3 𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 )𝑊𝑊/𝑉𝑉𝑇𝑇

(6.11)

𝑘𝑘𝑖𝑖 = 𝑘𝑘𝑖𝑖𝑖𝑖 exp(−∝ 𝑞𝑞𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 ).

(6.12)

with the various 𝑘𝑘𝑖𝑖 kinetic constants in eqs (6.7) to (6.11) defined as per of Figure 6.1 and thus,
.

Kinetic Parameters Estimation-Assessing the Overall Kinetic 1,3,5TIPB Conversion Constant
Figure 6.3 describes the observed 1,3,5-TIPB conversion with various Catoil ratios and contact
time at fixed reaction temperature 550 ºC. One should note the data of 530 ºC and 510 ºC are
described in Appendix E (E1 and E2).

1,3,5 TIPB Conversion % / Wt. Catalyst

250

550oC

Catoil 0.6
Catoil 0.8

200

Catoil 1.25
Catoil 2.5

150

Catoil3.75
Catoil5

100

50

0

0

1

2

3

4

5

6

7

Reaction Time (s)

Figure 6.3 Changes of TIPB Conversion with Reaction Time at 550°C for Different C/O
Ratios. Reported data represent average values for at least 5 repeat runs.
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Thus, given the postulated kinetic model as given by Eq (6.7), and the kinetic data obtained at
550, 530, and 510 ºC, various C/O and reaction times (refer to Figure 6.3) the

𝑑𝑑𝐶𝐶𝐴𝐴
𝑑𝑑𝑑𝑑

was assessed

′
at t→0 and for the lowest C/O of 0.6. This yielded the ηA (k10+k40) KA and designated as 𝑘𝑘10

and reported in Table 6.1.

Table 6.1: Temperature Effect on 𝒌𝒌′𝟏𝟏𝟏𝟏 =ηA(k10+k40) KA
′
𝑘𝑘10
(cm3/g/s)

Reaction Temperature ºC
550

34.15

530

32.79

510

28.04

′
Furthermore, and once 𝑘𝑘10
constant calculated, the parameter α was adjusted for the entire

reaction time period between 0 to 7 seconds and the three temperatures (510-550 °C). the results

are reported in following Figure 6.4. One can also observe that the α parameter changes
similarly at increases consistently with higher C/Os and these for the three thermal levels
considered.
510°C

4000

Deactivated Parameter (α)

530°C
3200

550°C

2400

1600

800

0

0.6

0.8

1.25

2.5

3.75

5

Cat- to- oil ratio (g-catalyst / g-oil)

Figure 6.4: Deactivated Parameter (α) as a function of catalyst to oil ratio in the 550°C510°C and 3-7 s ranges
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Additionally, Figure 6.5 reports a parity plot, describing observed 1,3,5, TIPB conversions and
model derived 1,3,5, TIPB conversions, showing a good fitting of the experimental data with
the model proposed. This comparison was established at different reaction temperature, reaction
time, and catalyst to oil ratio.

Figure 6.5 Parity Plot Comparison Theoretical Model Results with Experimental Data. Note:
Relative Percentual Error: ± 6.5%.

Kinetic Development-Model II-Estimation of Reaction Step
Intrinsic Parameters
Model-I was developed to determine a single kinetic parameter model for the TIPB
consumption rate. This overall model can also be considered a good first estimate for the
numerical calculations of various parameters involved in Model-II.
Furthermore, Model II was developed in order to calculate the various steps intrinsic kinetic
parameters as described in Figure 6.1. Model assumptions for Model II were already described
in Section (6.3.1) and are identical to the ones of Model I. One should also note that Model II
accounts for catalytic cracking including all the detected chemical species as follows: a) 1,3,5TIPB, b) 1,3 DIPB, c) cumene (IPB), d) benzene, e) propylene and f) coke.
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Kinetic parameter estimation as considered for Model II, encompasses a concurrent evaluation
of both frequency factors and energies of activation for the sets of Eqs (6.13) to (6.17), with the
simplification k1>>k4, k2>>k5, k3>>k6
.
For 1,3,5-TIPB or A species:



𝑑𝑑𝑑𝑑𝐴𝐴

= −η 𝑘𝑘1 𝐾𝐾𝐴𝐴 𝐶𝐶𝐴𝐴 exp(−𝛼𝛼 ′ 𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

𝑑𝑑𝑡𝑡

(6.13)

For 1,3-DIPB or B species:



𝑑𝑑𝑑𝑑𝐵𝐵
𝑑𝑑𝑡𝑡

= −(𝐾𝐾𝐵𝐵 𝑘𝑘2 𝐶𝐶𝐵𝐵 − 𝑘𝑘1 𝐶𝐶𝐴𝐴 ) exp(−𝛼𝛼 ′ 𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.14)

For IPB or C species:



𝑑𝑑𝑑𝑑𝐶𝐶
𝑑𝑑𝑡𝑡

= −(𝑘𝑘3 𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 − 𝑘𝑘2 𝐾𝐾𝐵𝐵 𝐶𝐶𝐵𝐵 ) exp(−𝛼𝛼 ′ 𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.15)

For Benzene or D species:



𝑑𝑑𝑑𝑑𝐸𝐸
𝑑𝑑𝑡𝑡

= ( 𝑘𝑘3 𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 ) exp(−𝛼𝛼 ′ 𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.16)

For Propylene or E species:



𝑑𝑑𝑑𝑑𝐷𝐷
𝑑𝑑𝑡𝑡

= �η𝐴𝐴 𝑘𝑘1 𝐾𝐾𝐴𝐴 𝐶𝐶𝐴𝐴 + 𝑘𝑘2 𝐾𝐾𝐵𝐵 𝐶𝐶𝐵𝐵 + 𝑘𝑘3 𝐾𝐾𝐶𝐶 𝐶𝐶𝐶𝐶 � exp(−𝛼𝛼 ′ 𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.17)

The data considered includes various hydrocarbon species changes with reaction time, using an
extra “n” parameter in the deactivation exponent, in order to make “α” independent of the C/O
ratio.
Furthermore, and considering apparent constants which lump chemical species reaction and
adsorption: 𝑘𝑘1′ = η 𝑘𝑘1 𝐾𝐾𝐴𝐴 , 𝑘𝑘2′ = 𝐾𝐾𝐵𝐵 𝑘𝑘2 , 𝑘𝑘3′ = 𝐾𝐾𝑐𝑐 𝑘𝑘3 , thus the system of equations from Eqs (6.13)

to (6.17) can be rewritten as,
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For 1,3,5-TIPB or A species:
𝑑𝑑𝑑𝑑𝐴𝐴
𝑑𝑑𝑡𝑡



𝑑𝑑𝑡𝑡

𝑑𝑑𝑡𝑡

(6.19)

= −(𝑘𝑘3′ 𝐶𝐶𝐶𝐶 − 𝑘𝑘2′ 𝐶𝐶𝐵𝐵 ) exp(−𝛼𝛼𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.20)

For Benzene or D species:
𝑑𝑑𝑑𝑑𝐸𝐸
𝑑𝑑𝑡𝑡



= −(𝑘𝑘2′ 𝐶𝐶𝐵𝐵 − 𝑘𝑘1′ 𝐶𝐶𝐴𝐴 ) exp(−𝛼𝛼𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

For IPB or C species:
𝑑𝑑𝑑𝑑𝐶𝐶



(6.18)

For 1,3-DIPB or B species:
𝑑𝑑𝑑𝑑𝐵𝐵



= −𝑘𝑘1′ 𝐶𝐶𝐴𝐴 exp(−𝛼𝛼𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

= ( 𝑘𝑘3′ 𝐶𝐶𝐶𝐶 ) exp(−𝛼𝛼𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅

(6.21)

For Propylene or E species:
𝑑𝑑𝑑𝑑𝐷𝐷
𝑑𝑑𝑡𝑡

= (𝑘𝑘1′ 𝐶𝐶𝐴𝐴 + 𝑘𝑘2′ 𝐶𝐶𝐵𝐵 + 𝑘𝑘3′ 𝐶𝐶𝐶𝐶 ) exp(−𝛼𝛼𝑞𝑞𝑐𝑐𝑛𝑛 ) 𝑊𝑊 ⁄𝑉𝑉𝑅𝑅
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(6.22)

Numerical Method Used
When reviewing Eqs (6.13) to (6.17), one can notice seven kinetic parameters, including 3
intrinsic/apparent parameters and 4 activation energies plus a “α” and a “n” deactivation
parameter.
Given this, the following numerical method was adopted as follows: (a) First, initial values were
assigned to various parameters, and the set of ordinary differential equations were solved using
the “mode45” function of MATLAB. (b) Following this, the kinetic parameters were adjusted
and optimized by using a nonlinear parameter optimization tool “lsqnonlin”, with the “trustregion reflective” algorithm minimizing the objective function ( 𝑓𝑓𝑜𝑜𝑜𝑜𝑜𝑜 ).
𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠𝑠

𝑓𝑓𝑜𝑜𝑜𝑜𝑜𝑜 = �∑𝑖𝑖

�𝐶𝐶𝑖𝑖,𝑒𝑒𝑒𝑒𝑒𝑒 − 𝐶𝐶𝑖𝑖,𝑝𝑝𝑝𝑝𝑝𝑝𝑝𝑝 �

2

(6.23)

Where, 𝐶𝐶𝑖𝑖 represents the “i” chemical species concentration (i= propylene, benzene, cumene,
and 1,3 DIPB) obtained experimentally and predicted by the kinetic model.

During numerical regression, optimization parameter procedures were followed in order to
obtain parameters that were all positive and displayed a low cross-correlation coefficient. In
addition, and to assess numerical dependency between determined kinetic parameters, a cross
correlation matrix was calculated.
One should note that in order to reduce parameter cross-correlation between frequency factors
and activation energies, the recommended equation (6.18) was used in the Arrhenius equation:
′
𝑘𝑘𝑖𝑖 ′ = 𝑘𝑘𝑖𝑖,𝑜𝑜
exp[

−𝐸𝐸𝑖𝑖 1
𝑅𝑅

1

(6.24)

(𝑇𝑇 − 𝑇𝑇 ]
𝑚𝑚

Where, 𝑘𝑘𝑖𝑖𝑜𝑜 is the pre-exponential factor (mol/gcat.s), R is the universal gas constant, Ei is the
activation energy (kJ/mol), T is the reaction temperature in Kelvin, and Tm is the average

temperature (K).
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Thus Eq (6.24) was employed in the numerical regression calculations to reduce the crosscorrelation between kinetic parameters. This was obtained by centering the reaction temperature
at the medium value of Tm=783°K.

Discussion of Results-Model-II
Estimated Kinetic Parameters
The estimation of the proposed kinetic parameters was based on the catalytic runs with CATA. An ample range of operating conditions were covered as follows: a) Reaction temperatures:
510, 530 and 550°C, b) Contact times: 3, 5 and 7 seconds, c) Catalyst-to-oil ratios (C/O ratio):
0.6, 0.8, 1.25, 2.5, 3.75 and 5.
Figure 6.6 reports the parity plot for 270 experimental data points including at least 3-5 repeat
runs for each condition. Thus, the DOF (degrees of freedom analysis) for the Model II was 262:
DOF=Data Points-Parameters. This figure reports a parity plot, showing the observed product
species concentrations and the derived model product species. This was the case for the three
thermal levels considered (510°C, 530°C, 550°C). It is thus shown that the proposed model with
the calculated parameters is able to correlate well with measured species distributions, with
deviations being confined to ±7%.

As well, one should note that in the case of DIPB and cumene (IPB) intermediates, these
chemical species remain at relatively low concentrations, while on the other hand 1,3,5-TIPB,
benzene and propylene are present at much higher concentrations. This inequality in
concentration values significantly challenges the kinetic parameter fitting via nonlinear
regression
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Figure 6.6 Parity Plot Comparing Experimental Observed Chemical Species Concentrations
with Model Predicted Concentrations in the 510- 550 oC and 3-7s ranges. Data: 270 average
data points involved including at least 3-5 repeats per experimental condition.

Table 6.2 shows the 7 estimated kinetic parameters with their respective 95% confidence spans.
One can see that all calculated spans are positive with a satisfactory low level of parameter
correlation.
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Table 6.2: Optimized Intrinsic Kinetic Parameters for Model II and Cross-Correlation
Coefficients
Apparent
Parameters
′ a
𝑘𝑘0,1

Correlation matrix

Value
17.9

′ a
𝑘𝑘0,1

1

′
𝑘𝑘0,2

′
𝑘𝑘0,3

𝛽𝛽0

Eab

Eb

Ec

𝐸𝐸𝛼𝛼

′
𝑘𝑘0,2

196.9

-0.38

1

′
𝑘𝑘0,3

187.9

-0.07

-0.34

1

𝛽𝛽0

7.11

0.63

0.14

0.13

1

Eab

11.8

-0.79

0.30

0.05

-0.49

1

Eb

13.34

0.28

-0.74

0.25

-0.11

-0.37

1

Ec

12.88

0.05

0.26

-0.76

-0.10

-0.08

-0.34

1

𝐸𝐸𝛼𝛼

12.28

-0.49

-0.12

-0.11

-0.80

0.60

0.17

0.12

m

270

DOF

260

1

cm3g-1s-1; bkJmol-1; Tc=783K; Degree of freedom (DOF)= data points (m) –
parameters (p)= 270 – 8= 262

a

Figure 6.6 reports the predicted chemical species concentrations and compares them with the
observed concentrations taking place within the 3-7 s reaction times and 0.6-5 C/O range.
Similar data for 550 and 510 oC are reported in Appendix F (F1 and F2). On this basis, one
can thus consider that the determined kinetic parameters are adequate.
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Figure 6.7 Comparison of Experimental and Model Predicted Chemical Species
Concentrations during the 1,3,5-TIPB Catalytic Cracking. Operating Conditions: Contact
times: 3-7s, C/O= 0.6-5, Temperature: 550 oC: Data: 270 average data points including at
least 3-5 repeats.
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Figure 6.8 Deactivated Parameter (α) as a Function of the Catalyst to Oil Ratio in the 510°C550°C and 3-7 s Ranges
Furthermore, Figure 6. reports the calculated “α” deactivation factor as a function of the C/O
ratios at the three temperatures studies. One can observe the consistent change of the α
deactivation constant with C/O ratio. Thus, and as hypothesized in Figure 6.2, a higher catalyst
density boosts the cracking of the hydrocarbon species, but also promotes the coke precursor
species interaction in close catalyst sites either in the same particle or close particles.
Thus, regarding the significant increase of the “α” with the augmentation of the C/O, as reported
in Figures 6.3 and 6.7 (Model-I and Model-II), the following can be concluded:

a. There is a growing influence of the C/O on the total coke formed.
b. The amount of total coke becomes greater at higher catalyst loadings. This can be assigned
to the fact that larger catalyst densities increase the ability to capture coke precursors.
c. The formed (qc) coke-on-catalyst at higher catalyst density becomes progressively nonuniform across the FCC particles, and thus promotes 1,3,5 TIPB diffusional transport
limitations or lower effectiveness factors, with this leading to an increased “α” parameter.
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d. The role of the solid particles of catalyst as “coke collectors” is increased, given the higher
influence of bimolecular coke precursor reactions.

Conclusions
a) It is hypothesized that a coke formation mechanism allows one to explain the observed
changes of TIPB conversion with C/O ratios as reported in CHAPTER 4 and 5.
b) It is assumed that a mechanistic based explanation, leads to a coke formation mechanism
involving the contribution of both coke precursor species adsorbed in two sites in the same
particle and two sites in close but different particles.
c) It is shown that a reaction network involving observable chemical species allows one to
establish two kinetic models (Model I and Model II) with different degrees of complexity.
In both cases, model parameters were determined using nonlinear least square regression
with low cross correlation. This was done at three thermal levels and for various operating
conditions, including temperature, contact time, and C/O ratios.
d) It is proven that the proposed kinetic model evaluated with a large degree of freedom (DOF),
yields both positive kinetic constants and good fittings of the observed chemical species
concentrations.
e) It is shown that catalytic cracking is influenced by catalyst density. Thus, an optimum C/O
ratio can be anticipated for other feedstocks, with this fact being of major importance while
selecting operating conditions for FCC industrial units.

95

CHAPTER 7
CONCLUSIONS AND RECOMMENDATIONS
Conclusions
The major contributions and findings of the present PhD research can be summarized as follows:
e) It is shown, that by using the BET specific surface area and the N2-adsorption isotherm, the
influence of the C/O ratios on the structural properties of the FCC catalyst can be
demonstrated. The results obtained showed coke selectivity steadily increasing as the C/O
ratio augmented.
f) It is documented that by employing NH3-TPD adsorption and pyridine desorption analysis,
that changes in total catalyst acidity and Brönsted and Lewis acid site ratios can be monitors.
This was valuable to establish the influence of operating conditions and especially C/O ratio
on the FCC catalyst physiochemical properties.
g) It is shown that the fluidized CREC Riser Simulator is a reliable experimental simulation
device. The CREC Riser Simulator provides valuable catalytic cracking information
concerning 1,3,5 -TIPB hydrocarbon conversion and product selectivity, in the 510-550 oC
and 3-7s ranges.
h) It is demonstrated that both 1,3,5-TIPB conversion and coke yields are influenced by the
reduced acidity and diminished micropore volume observed at C/O s higher than 5.
i) It is shown that the 1,3,5-TIPB catalytic cracking products are propylene, benzene, cumene
(IPB), 1,3-DIPB and coke. Based on those chemical species, product selectivities were
calculated, showing the highest coke levels and undesirable benzene selectivities at the
highest studied C/O ration of 5.
j) It is proven that the three-based Y-zeolite catalysts (CAT-A, CAT-B and CAT-C) studied,
having different acidities and crystallinities, display a consistent activity change when C/O
ratio is increased. This trend exhibits a maximum 1,3,5-TIPB conversion at C/O ratios of
2.5, while decreasing gradually until reaching the highest studied C/O ratios of 5.
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k) It is postulated that coke formation allows one to explain the observed changes of TIPB
conversion as a function of catalyst density. This was elucidated using a coke formation
mechanism involving the additive contribution of coke precursor species adsorbed in two
sites in the same particle and close sites in different particles. These findings were strong
indicators of the significant influence of the C/O ratio on the total coke deposited on the
catalyst, as the quantity of catalyst increases for a set amount of feedstock.
l) It is proven that a reaction network involving observable chemical species allows one to
establish two kinetics models with different degrees of complexity. In both cases, parameter
models were determined using nonlinear least square regression and cross correlation
among estimated parameters.
m) It is anticipated that the postulated catalytic cracking reaction network influenced by catalyst
density, leads to an optimum C/O ratio. Accounting for the optimum C/O allows achieving
maximum feedstock conversion, controlled coke-on-catalyst and gasoline benzene content.

Recommendations
Given the originality and valuable results obtained in this PhD study, the following are
recommended:
I.

It would be valuable to investigate the developed catalyst activity decay model using
VGOs. This would allow demonstrating the value of the proposed catalytic cracking
kinetics and of the existence of an optimum C/O ratio using typical FCC unit feedstocks.

II.

It would be important to use the developed catalyst decay model in the numerical
simulation of FCC industrial scale units. This would allow establishing the value of the
new proposed catalyst decay model versus the current available ones in large scale FCC
unit operations.
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Appendices
Appendix A: – Mass Balance closure
This appendix reports the calculation method for mass balance closure. This method was
consistently applied to all the experimental runs of this report.
Data were obtained via FID chromatographic peak areas, which involved all chemical species
fed to the reactor (TIPB) and evacuated from the riser. For instance, DIPB, Cumen, Benzene
and propylene. It has to be mentioned that the mass balance closures were in the range ± 2.
The mass balance closure was calculated as:
MBC =
Where

mout
min

(A.1)

∗ 100

MBC = Mass balance closure, wt�wt %

min =total mass of reactants injected, g (total amount of reactants injected was determined

from the difference between the mass of syringe prior and after the TIBP was being injected)
mout =total mass of reactants produced, g

mout =Npr ∗ Mwave + Mcoked
Where

Npr =

(A.2)

(Pf r −Pi r ) Vr

(A.3)

RTr

Npr = total moles of product in the reactor, mole

Mwi = average molecular weight of the product mixture, was calculated by using an individual

specie molecular weight and weight fraction as follow:

Mwave =

∑

1

(A.4)

wi
MWi
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Pf r = final reactor pressure, psia

Pi r =initial reactor pressure, psia (Both pressures were taken from pressure profile)
R = Ideal gas constant, 1205.91 cm3 psia/g mole K

Tr = Reactor temperature, K

Vr = volume of the reactor, 55.06 cm3

Mcoked Was measured by TOC equipment for each reaction run.
Table A.1. Reports a Typical Mass Balance Closure for the Catalytic Cracking of 1,3,5, TIPB
at C/O=5, 550°C and 5s reaction time.
C/O

5

mACT. mINJ.

Pf r

Pi r

Tr

Mcoked

0.00024

g

g

psia

psia

K

0.2

0.199

34.55

14.7

823

g

Vr

cm3

55.06

Mwave

g/mole

Npr

moles

177.489 0.00110

mout
g

0.195

MBC

%wt�wt
98.097

One should mention that for all experiments mass balance closure calculations were in the 95%98% range.
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Appendix B – Coke -on Catalyst Formed 𝑞𝑞𝑐𝑐 (𝑔𝑔𝑐𝑐𝑐𝑐𝑐𝑐𝑐𝑐 \𝑔𝑔𝑐𝑐𝑐𝑐𝑐𝑐 )

Figure B1 and B2 report coke formed per gram of CAT-A at various C/O ratio (cokeon- catalyst) at different reaction temperatures 530°C, 510°C, and fixed reaction time
at 7s respectively, showing a consistent trend of increase coke-on-catalyst formed with
augmenting reaction time and C/O ratio.
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Figure B1 reports at a 530°C the effect of reaction time on the amount of coke
formed per gram of catalyst at various C/O ratios.
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Figure B2 reports at a 510°C the effect of reaction time on the amount of coke
formed per gram of catalyst at various C/O ratios.
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Appendix C - Catalyst Characterization
C1: X- Ray Diffraction
Figure C1.

Reports XRD Diffractograms for a CAT-B Sample mixed with pure Silicon.

Characteristic bands for silicon are shown at 28, 47 and 56 degrees in the 2θ scale.
400
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350
300

Intensity (a. u)

250
200
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0
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70

Difraction angle 2 Theta(degree)

Figure C1. XRD Diffractograms for a CAT-C Sample of the Present Study Mixed with pure
Silicon. Characteristic bands for silicon are shown at 28, 47 and 56 degrees in the 2θ scale.

C2: X-Ray Fluorescence (XRF) Analysis

All the catalysts studied are of the equilibrium type, which means that they were involved in
FCC refinery usage include steaming. It is expected that such an FCC sample may contain
various metal contaminants, including nickel and vanadium. Metals may potentially reduce the
density and strength of acid sites affecting catalyst activity. Table C2 summarizes the observed
metal content in the catalyst samples studied.
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Table C2: Metal Content of Different Catalysts
Catalyst

NiO (ppm)

V2O5 (ppm)

Fe (ppm)

Ca (ppm)

CAT-A

1880

7180

12700

1200

CAT-B

2030

3730

7200

1100

CAT-C

6320

9700

7000

3000

C3: NH3-TPD (Temperature Programmed Desorption)
Figure C3 reports NH3-TPD analyses for six CAT-C samples at different C/O ratios.

TCD Signal (a.u)

0.010

Free Coke
C/O= 0.8
C/O= 1.25
C/O= 2.5
C/O= 3.75
C/O=5

CAT-C

0.008

0.006

0.004

0.002

0.000

100

200

300

400

Temperature (°C)

Figure C3. NH3-TPD Analyses for CAT-C. Notes: Continuous black line: FCC catalyst free
of coke; continuous red line: C/O= 0.8; continuous blue line: C/O=1.25; continuous violet
line: C/O=2.5; continuous green line: C/O=5; continuous blue line: experiment baseline.
Samples with coke were analyzed following catalytic cracking runs at 550°C and 7 s.
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C4: N2 Adsorption-Desorption Isotherms
Figure C4.1 and Table C4.2 report the N2 Adsorption-Desorption Isotherms for CAT-C and
determined catalyst specific surface area (SSA) and catalyst pore volume (PV), respectively.

Quantity adsorbed (cm3/g STP)

120

CAT- C

100
Free Coke

80

Catoil 0.8
catoil 1.25

60
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40
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20

0

0.0

0.2

0.4

0.6

0.8

1.0

Relative pressure (P/Po)

Figure C4.1: BET-Nitrogen Adsorption Plot. N2 Adsorption-Desorption Isotherms Obtained
from Different Samples of CAT-C after a Run at 550°C and 7 s Contact Time.

Table C4.2. Specific Surface Areas [SSA] (m2/g) and Pore Volumes [PV] (cm3/g) for CAT-B.
Mesopore Volumes (cm3/g) for CAT-B were determined following catalytic cracking runs at
550°C and 7 s, using different C/O ratios. SD on repeats: +/- 3 m2/g.
CAT-C Catalyst Samples
Free Coke

C/O= 0.6

C/O=0.8

C/O=1.25

C/O=3.75

C/O=3.75

BET (SSA)

118.5

97.8

91.9

90.2

86

92.9

Pore Volume (PV)

0.196

0.136

0.137

0.135

0.128

0.131

Macropores Volume

0.142

0.0898

0.0935

0.0930

0.0868

0.0870

Micropores Volume

0.0540

0.0463

0.0439

0.0426

0.0412

0.0440
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Appendix D- Product Selectivity
Figure D1 describes the selectivity changes of various dealkylation products as a function of
the 1,3,5- TIPB conversion.
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Figure D1. Effect of C/O on the Product Selectivity Using 1,3,5-TIPB and CAT-C. The
temperature and contact time were kept constant at 550oC and 7s, respectively.
Notes: Reported data and standard deviations (vertical bars) represent average values from at
least 4-7 repeat runs.
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Appendix E - 1,3,5-TIPB Conversion Changes with Reaction Time at Various
C/O Ratios.
Figure E1 and E2 describes the observed 1,3,5-TIPB conversion with various C/O ratios and
contact time 3, 5, and 7s at fixed reaction temperature 510 ºC and 530 ºC as described
respectively in follows:
1,3,5 TIPB Conversion % / Wt. Catalyst

200

510oC

D3c

Catoil 0.6

150

Catoil 0.8
Catoil 1.25
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Figure E1. Changes of TIPB Conversion with Reaction Time at 510°C for Different C/O
Ratios. Reported data represent average values for at least 5 repeat runs.
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Figure E2. Changes of TIPB Conversion with Reaction Time at 530°C for Different C/O
Ratios. Reported data represent average values for at least 5 repeat runs.
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Appendix F- predicted chemical species concentrations
Figure F1 and F2 report the predicted chemical species concentrations and compares them with
the observed concentrations taking place within the 3-7s reaction times and 0.6-5 C/O range.

Figure F1: Comparison of Experimental and Model Predicted Chemical Species
Concentrations during the 1,3,5-TIPB Catalytic.
Operating Conditions: Contact times: 3-7s, C/O= 0.6-5, Temperature: 530 oC: Data: 270
average data points including at least 3-5 repeats.
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Figure F2: Comparison of Experimental and Model Predicted Chemical Species
Concentrations during the 1,3,5-TIPB Catalytic.
Operating Conditions: Contact times: 3-7s, C/O= 0.6-5, Temperature: 510 oC: Data: 270
average data points including at least 3-5 repeats.
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